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ABSTRACT 
 

Olefins have enjoyed many uses in a wide variety of industries, from car manufacturing 

to energy production. Energy consuming processes of catalytic dehydrogenation, 

turning paraffins into olefins, has been commercialised since the early 20th century, 

while catalytic oxydehydrogenation of paraffins to olefins is still in prototype stages. The 

conflict between kinetic and thermodynamic yield constraints, has delayed the 

commercialisation of this process. The solution to achieving the relevant process route 

is exploitation of the right catalyst at moderate temperatures and pressures.  Co5MgAlO 

is studied under atmospheric pressure and 350°C temperature, to dehydrogenate 

propane and butane to olefins using oxygen as a reactant. Thermodynamic models 

showing how many reaction routes are possible under atmospheric pressure were 

explored. Experimental results for butane to air at ratio of 1:0.8 and 1:1.2 hydrocarbons 

to air gave better selectivity of 1-butene which was more than 12%. When compared 

with propane at similar reaction ratios the reaction favoured CO2 at selectivity of more 

than 95%. 

Keywords; Paraffins to Olefins Conversion, Propane and Butane Yield, Thermodynamic 

models, Paraffin Dehydrogenation Routes, Cobalt-Magnesium on Aluminium Oxide 

Catalyst.  
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Chapter 1: Introduction 
 

1.1. Executive summary 

M King Hubert came up with a life cycle model for automative fuel production in the mid-

1950s termed Hubert’s model (Degirmenci, 2005). From the life cycle model, his 

prediction was that fuel in the U.S will peak around 1969, which happened in 1970. The 

extension of his model proposes that fuel will be depleted by around 2060 (Degirmenci, 

2005). Crisis in the oil market has produced some deterioration in world economic 

activity and has created a need to replace fossil fuel with more renewable sources of 

energy (Busto, 2008). 

Petrochemical industries continue to emit volatile organic compounds (VOC), which 

contribute to atmospheric pollution. Light paraffins (C3 – C4) are among the most known 

VOC emissions due to their presence in crude oil (Urdâ, 2009). These paraffins could 

be separated from other VOC and converted into olefins, which can later be used as a 

feed for production of petroleum and polyethylene products. 

The challenge facing scientist and engineers in this process is the C – H bonds in light 

paraffin which is very strong (425 kJ/mol) and contain no functional group, magnetic 

moment or polar distribution to induce chemical reaction (Holmen, 2009). To be able to 

break the paraffin single bond and rearrange it into olefins double bond, it will either 

require high energy (temperature) or effective catalytic process. High temperature at 

long reaction times also comes with negative impact as they cut the hydrocarbons and 

produce carbon mass consisting of CH4 and COx. These challenges open more 

research into better routes for production of olefins from light paraffins at moderate 

temperature.  
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From olefins there are numerous other compounds which can be derived, and there is 

an extensive research and industrial modification for production of motor fuel from 

olefins.   

1.2. Why use Volatile Organic Compounds? 

Petrochemical refineries and petrochemical plants are large industries, where most of 

the VOCs are derived from petroleum fractions (Odabasi, 2003). Several effects of 

VOCs are recognised, such as their contribution to stratosphere ozone depletion, 

troposphere photochemical ozone formation, toxic and carcinogenic human health 

effects and enhancement of global greenhouse effect (Lo, 2004; Odabasi, 2003).   Many 

studies on effects of VOCs on human health have been reported elsewhere (Mølhave, 

1986; 1991).    

It is evident that conversions of VOCs to more useful materials such as petroleum and 

polyethylene via olefins are very important to both energy industry, health and the 

environment.  Use of catalyst to convert the VOCs into olefins will be looked at in more 

detail in subsequent sections. 

1.3. Aims of the Projects  

The main aim of this dissertation is to investigate the benefits and limitations of 

Co(5)MgAlO as a suitable catalyst for oxidative dehydrogenation of light paraffins 

(propane and butane) into olefins at moderate temperatures and pressures. Pros and 

cons of commercialised thermal dehydrogenation process will also be theoretically 

reviewed and compared to oxidative dehydrogenation.  

1.4. Research objectives 

 To determine the ideal temperature, pressure and space velocity for paraffins 

oxidative dehydrogenation to olefins using Co(5)MgAlO as catalyst. 
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 To determine the degree of nano-particle loading of Co(5)MgAlO catalyst for 

olefins production. 

 Measure and compare in terms of selectivity and yield thermodynamic 

calculations between propane and butane.  

 Measure and compare performance of the catalyst in terms of selectivity and 

yield with known literature data for catalytic dehydrogenation. 
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Chapter 2: Literature Review 

2.1. Background 

 

Efficient transformation of paraffinic feedstock into more valuable olefins or reactive 

compounds continues to represent a significant academic challenge with strong 

economic benefits (Lorkovic, 2004). The formation of olefins is attained by 

dehydrogenation process, the initial activation of C–H bond in alkanes using a transition 

metal as catalyst. Dehydrogenation of paraffins is an energy intensive reaction that 

requires relatively high temperature to obtain high yields of olefins (Marcu, 2008). 

However, thermal dehydrogenation process gives lower yields due to coke formation. 

Deactivation of catalyst at higher temperatures is also a disadvantage. The oxidative 

dehydrogenation of paraffin over a catalyst could come as a solution (Marcu, 2008).  

Interest in conversion of light alkanes to valuable olefins by means of oxidation has been 

growing in recent years due to the possibility of having new products with less 

environmental impact and less cost (Cavani, 1999).  The main problem with most redox 

type catalysts in oxidative dehydrogenation is that olefins yields do not exceed 30%; the 

reason for these low yields is due to the effective activation of alkenes produced after 

dehydrogenation (Leon, 2002). These alkenes are found to adsorb strongly on these 

catalysts, inducing the deep oxidation of the desired product.  

Oxy-dehydrogenation has mostly been studied using catalyst containing vanadium and 

most currently platinum. It has been reported that oxy-dehydrogenation at ± 1000 ºC 

and very short residence time over Pt and Pt-Sn catalysts can produce ethylene in 

higher yields than in steam cracking (Bhasin, 2001). However, there are many issues 

regarding safety due to volatility of hydrocarbon and oxygen at high temperatures and 

other process concerns that need to be addressed at high temperatures.  
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At 600°C it is reported that Oxy-dehydrogenation of propane using Co(5)MgAlO as a 

catalyst could convert 15.4% propane with product selectivity of 67.5% propene, 29.5% 

cracking products and 3% CO(x) (Marcu, 2012). This catalyst was however not tested 

for conversion of butane to olefins.  

 

2.2. Current methods of olefin production. 

 

Most of the short chain olefins manufactured are converted directly or indirectly to 

polymers and others to motor fuel and synthetic products. The demand for polymers, 

motor fuel and synthetic products is increasing, and so these short chain olefins, mostly 

ethene and propene, follow this demand (Levels, 2002). William Burton as chemist 

employed by Standard Oil in 1913; invented a thermal cracking process for breaking up 

large non-volatile hydrocarbons into gasoline (Britannica, 2015). In 1930s Dr Hans 

Tropsch (of the Fischer-Tropsch process) headed a research work by Dr Julian M. 

Mavity which further enhanced the process by addition of a catalyst to thermal cracking 

in order to lower the required temperature (Thomas, 2009).  

 Almost all the light olefins (C3 and C4) universal production is carried out by three 

commercialised processes: Thermal cracking (pyrolysis or steam cracking), catalytic 

cracking and catalytic dehydrogenation. A brief literature review of these processes is 

given below.   

2.2.1. Steam Cracking 

Most of nowadays alkenes production is derived from thermal cracking of petroleum 

hydrocarbon, most often LPG and naphtha, with steam; the process is normally called 

pyrolysis or steam cracking (Levels, 2002). The main product of steam cracking is 

ethene, propene and limited amounts of higher olefins are by products from this process. 
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Process Flow  

 

Figure1: Principal arrangement of cracking furnace (Levels, 2002). 

From Figure1 above of a steam cracking reactor, a hydrocarbon stream is warmed by 

heat exchanger against the flue gas in the convection section. It is then mixed with 

steam and further heated to cracking temperature of about 500 – 680 ºC. The stream 

then goes to fire tube reactor where under a controlled reaction time, temperature profile 

and partial pressure, it is heated to further 750 – 875 ºC for 0.1 – 0.5 seconds. During 

this residence time, the feedstock of hydrocarbon is broken down into smaller 

molecules: ethylene, other olefins and di-olefins are the major products. The reaction 

products then leave through the radiant tube at 800 – 850 ºC and are cooled to 550 – 

650 ºC within 0.02 – 0.1 sec to prevent further breakdown of highly reactive products by 

secondary reactions (Levels, 2002). The product stream composition of propane 

cracking is listed below. 

 



17 
 

Table1: Yields from propane cracking with various residence times (wt%) (Levels, 

2002)  

Conversion, kg/kg 90.02 90.035 89.926 89.983 

Steam dilution, 

kg/kg 0.3 0.3 0.3 0.3 

Residence time 0.445 0.3337 0.1761 0.1099 

H2 1.51 1.55 1.61 1.68 

CO 0.04 0.04 0.03 0.04 

CO2 0.01 0.01 0.01 0.01 

H2S 0.01 0.01 0.01 0.01 

CH4 23.43 23.27 22.28 22.4 

C2H2 0.46 0.51 0.59 0.82 

C2H4 37.15 37.51 38.05 38.59 

C2H6 3.06 2.8 2.37 1.96 

C3H4 0.52 0.57 0.65 0.89 

C3H6 14.81 14.82 15.01 15.27 

C3H8 9.97 9.96 10.07 10.01 

C4H4 0.08 0.08 0.09 0.11 

C4H6 2.85 2.9 2.98 2.99 

C4H8 1 1 1.02 1.09 

C4H10 0.04 0.04 0.05 0.05 

Benzene 2.15 2.12 2.02 1.8 

Toluene 0.43 0.4 0.36 0.28 

Xylenes 0.05 0.05 0.04 0.03 

Ethylbenzene 0.01 0.01 0.01 0 

Styrene 0.21 0.2 0.18 0.15 

Pyrolysis gasoline 1.27 1.26 1.27 1.24 

Pyrolysis fuel oil 0.94 0.89 0.76 0.58 

Sum 100 100 100 100 
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Reaction mechanism 

Olefin production which is a basis chemical for polyethylene products and production of 

gasoline is achieved through steam cracking of light paraffins. For C2 – C5 the primary 

reaction is dehydrogenation (Schmidt, 2000). An example with ethane is given in 

equation 2.1 below. 

         C3H8           C3H6 + H2   (2.1) 

The reaction requires a residence time of 0.1 to 1s and is endothermic. Hydrogen and 

methane by-products are used as fuel to drive the chemistry. Equation 2.2 illustrates 

the by-product (Fuel) production. 

C3H8               2Cs + CH4 + H2   (2.2) 

There is also undesired reaction in pyrolysis that form coke (Cs) for higher residence 

time (see equation 2.3).  

         C3H8             3Cs + 3H2    (2.3)          

Adding steam to the process slows down the formation of coke according to this reaction 

illustrated by equation 2.4; 

                   Cs + H2O            CO + H2   (2.4) 

Steam cracking technology for Olefin production needs great investment and higher 

reaction temperature.  

2.2.2. Catalytic Cracking 

 

Direct dehydrogenation is an endothermic reaction, it is limited in terms of equilibrium 

and the reaction requires special catalysts for selectivity, because a high temperature 
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favours side reactions and coke formation (Nawaz, 2013). Below is an example of 

catalytic cracking flow diagram (fluid-bed catalytic cracking) with product separation.  

 

Figure 3: Fluid-bed catalytic cracking with product separation (Levels, 2002). 

The catalytic cracking technique because of its ability to lower the reactor temperature 

is considered to be one of the most effective ways in production of olefins (Jiang, 2008). 

From 1940s Haensel (Bhasin, 2001) demonstrated that Pt-based catalyst had high 

active site for dehydrogenation of paraffins to olefins. This approach of dehydrogenation 

of light paraffins to olefins was first commercialised in the middle of 1960s for the 

production of biodegradable detergents from long chain linear olefins (Bhasin, 2001). 

By 1999, there were more than 30 commercialised Pt-based catalysts for 

dehydrogenation of long chain paraffins to olefins (Bhasin, 2001). Long chain paraffins 

are easier to dehydrogenate and they only require typically below 500ºC temperatures. 

While this is the case for long chains paraffins dehydrogenation, it is not the same with 

short chains. Figure 2 below shows temperatures required to achieve 10 and 40% 

conversion of C2 – C15 n-paraffins at atmospheric pressure (Bhasin, 2001). 
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Figure 2: Temperatures required in achieving 10 and 40% conversion of C2 – C15 n-

paraffins at 1 atm (Bhasin, 2001). 

2.2.3.  Catalytic Modelling of Dehydrogenation 

Paraffins dehydrogenation is an endothermic reaction and that by Le Chatelier’s 

principle is limited by chemical equilibrium. High conversions will require high 

temperatures and lower pressures (Bhasin, 2001). Therefore, the production of mono-

olefins can be expressed by this equation; 

𝑥𝑒
2 =

𝐾𝑝

𝐾𝑝+𝑃
          (2.5) 

Where 𝑥𝑒  is the equilibrium conversion, P the total absolute pressure and Kp is the 

equilibrium constant for dehydrogenation reaction (Bhasin, 2001).  Rate of paraffin 

conversion (x) and mono-olefin production (sx) are given using Equations 2.6 and 2.7 

below as shown by Bhasin (2001); 

𝑑𝑥

𝑑𝑡
= 𝑓1(𝑘𝑖,𝐾𝑖𝑝𝑗)         (2.6) 

 
𝑑(𝑠𝑥)

𝑑𝑡
= 𝑓2(𝑘𝑖,𝐾𝑖𝑝𝑗)         (2.7) 
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Where s is the selectivity to n-mono-olefins, t is the contact time, f is the rate function, 

𝑘𝑗 is the rate constant for reaction step 𝑖, 𝐾𝑖 is the equilibrium constant for reaction step 

𝑖, and 𝑝𝑖 is the partial pressure of the j compound.  

The relationship between selectivity and conversion was then derived from equation 2.6 

and 2.7 as follows; 

𝑑(𝑠𝑥)

𝑑𝑥
=

𝑓2(𝑘𝑖,𝐾𝑖,𝑝𝑗)

𝑓1(𝑘𝑖,𝐾𝑖,𝑝𝑖)
              (2.8) 

The ki and Ki are function of temperature; and pj is a function of conversion, total 

pressure (P), and feed ratio (R). Therefore, Eq (2.8) can be written as  

𝑑(𝑠𝑥)

𝑑𝑥
=

𝑓2[𝑘𝑖(𝑇),𝐾𝑖(𝑇),𝑥,𝑃,𝑅]

𝑓1[𝑘𝑖(𝑇),𝐾𝑖(𝑇),𝑥,𝑃,𝑅]
         (2.9) 

Eq. 2.9 is the ratio of two functions, where the rate function becomes relative values and 

can be expressed as ki(T)/k0(T), where k0(T) is the rate constant for the forward reaction 

of paraffin dehydrogenation to mono-olefins. Therefore, equation 2.9 can be written in 

a functional form in F as follows: 

𝑑(𝑠𝑥)

𝑑𝑥
= 𝐹 [

𝑘𝑖(𝑇)

𝑘0(𝑇)
, 𝐾𝑖(𝑇), 𝑥, 𝑃, 𝑅]       (2.10) 

Equation 2.10 clearly indicates that selectivity is a function of conversion for the catalyst 

used (relative rate constant) and the given reaction conditions (temperature, pressure, 

feed ratio). Therefore, the relationship between selectivity and conversion can be 

simulated according to equation 2.10, if rate functions, relative rate constant and 

equilibrium constants are known (Bhasin, 2001). Selectivity decreases as the 

conversion increases because n-mono-olefins are consecutively converted into by-

product. Selectivity decreases sharply as conversion approaches equilibrium because 

the main dehydrogenation process is limited by equilibrium, but other reactions 
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continues. Figure 3: shows equilibrium constant for C2 – C16 dehydrogenation at 500 ºC 

(Bhasin, 2001). 

 

Figure 4:  equilibrium constant for C2 – C16 dehydrogenation at 500 ºC (Bhasin, 2001). 

 

 

2.2.4. Dehydrogenation Catalysts. 

The employment of the right catalyst allows high reaction rates and selectivity, but from 

Subsection 2.2.3 we have seen that when increasing conversion, the selectivity drops 

off. The main types of catalysts reported in the patent and scientific literature are as 

follows (Sanfilippo, 2006); 

(a) Group VIII metals (basically supported platinum/tin, with promoters), 

(b) Chromium oxides on Alumina or Zirconia, with promoters, 

(c) Fe oxides, with promoters, 

(d) Ga, supported oxide or included in zeolite, 

However, these catalysts have not gone without limitations due to the nature of 

dehydrogenation reactions. Equilibrium conversion is limited by thermodynamics and 

increases with temperature (Sanfilippo, 2006). Because the separation of unreacted 
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paraffins from the product is costly, the conversion percentage should be high, thereby 

requiring temperatures exceeding 550ºC. Light paraffins require high temperature and 

the higher temperature equate to more engineering difficulties (Sanfilippo, 2006).  

Limitations of dehydrogenation catalysts as temperature gets higher are: 

 High temperature means more side reactions, eventually leading to low yields, 

 Coke formation is critical to any catalyst. Periodical catalyst regeneration is 

therefore necessary to restore the activity of catalyst. 

  The equilibrium activity increases by lowering the pressure; therefore some 

technologies operate at a pressure below 1 atm (vacuum, H2 or steam dilution) 

to get higher driving force. 

 Endothermic reaction (about 125 kJ/mol of extracted hydrogen) results in a 

higher heat demand on weight basis for production of olefins. 

All the above limitations mandate a synergetic process design and the nature of catalyst 

as well as the reactor design.  

Oxidative dehydrogenation investigates the possibility of a new process with extensive 

possible benefits. 

 

2.3. Oxy-dehydrogenation 

 

A huge amount of papers aimed at the oxidative dehydrogenation of paraffins indicates 

both scientific and industrial interest for alternatives to catalytic and thermal 

dehydrogenation which suffers from energetic drawbacks (Gavani, 1999). However, as 

mentioned in thermal dehydrogenation, this process gives lower yields due to coke 

formation. Deactivation of catalyst at higher temperatures is also a challenge. The 

oxidation dehydrogenation (ODH) of paraffins over a catalyst could come as a solution. 
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The main problem associated with ODH catalysts involves a decrease in olefin 

selectivity as the alkane conversion increases (Lemonidou, 1998). The alkenes are 

more reactive than alkanes and on the surface of the catalyst they might undergo a 

second oxidation to COx (Lemonidou, 1998). There are several factors that need to be 

studied before ODH catalyst can be selected. Some of these are the key factors and 

surface properties as outlined below;   

2.3.1. Key factors in selective ODH of light alkanes (paraffins)(Gavani, 1999) 

2.3.1.1. The role of oxygen to be adsorbed and the importance of the mode 

of the alkane adsorption 

2.3.1.2. The mechanism of activation of the C – H bond and the stability of 

the products. 

2.3.1.3. The contribution of homogeneous reactions, for applications which 

need temperatures more than 400 – 450ºC and the effect of core 

adsorbates in making possible the dissociative adsorption of 

saturated hydrocarbons.  

A better comprehension of the above factors means a better understanding of the total 

process of alkane transformation,  

2.3.2. Key bulk and surface properties of catalysts which affect performance 

2.3.2.1. Surface of the catalyst: The nature of the active site and how the 

surface is affected by the bulk features and specifically; 

 Surface acidity role 
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2.3.2.2. The structure of catalyst:  

 Redox properties of the metal in oxide-based catalyst and the metal – 

oxygen bond strength. 

 The interaction between the support and the active site in modifying the 

catalytic properties. 

2.3.2.3. Site isolation theory – explains the importance of number of surface 

oxidising sites statistically controlled in order to favour selective 

oxidation reactions over combustion reactions.  

It should be noted that these aspects are applied in most cases to hydrocarbon 

oxidation, not only specific for light paraffins transformations to olefins. 

 

2.3.3. Overview of different catalysts used for oxidation of propane to propene 

2.3.3.1. Vanadium supported catalysts.  

Vanadium oxides catalysts are well researched to give better selective oxy-

dehydrogenation of light paraffins, but their catalytic properties depend on the metal 

oxide support and vanadium content (Trifiro, 1997). It has been proposed that the 

presence of isolated tetrahedral Vv species is responsible for high selectivity to olefins 

and that the selectivity drastically decreases for vanadium loading above 2 wt.% 

(Grzybowska, 2006).  V2O5/MgO has shown high efficiency but failed to avoid total 

oxidation of paraffin molecules (Marcu, 2011). The below table shows different 

vanadium catalysts efficiency at certain temperatures;  
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Table 2: Vanadium catalysts efficiencies with respect to temperature and V content for 

Propane conversion to Propene 

Catalyst Conversion Selectivity Temperature V content  Author 

VSiβ 16.5% 62% 470ºC 1.22% Grzybowska, 2006 

VTiO2 10% 42% 500ºC 5% Lemonidou, 2005 

VAl2O3 10% 22% 500ºC 14% Lemonidou, 2005 

 

2.3.3.2. Platinum catalysts 

Platinum (Pt) is an element required in small quantities (ca. 0.5 wt.%) for commercial 

dehydrogenation of paraffins if it is dispersed evenly to achieve high selectivity (Sun, 

2015). Very high selectivity to olefins has been reported for oxidation of light paraffins 

over Pt-coated foam monoliths, operating adiabatically at extremely short contact time 

(1 – 10 ms) (Beretta, 2001). Oxidative dehydrogenation over Pt catalyst is achieved at 

high temperatures (700 – 1000ºC), in spite of the homogeneous contributions at high 

temperatures explaining conversions, the heterogeneous contributions are used to 

explain the higher selectivity to olefins (Beretta, 2001). This is shown to be a 

considerable improvement with respect to performances of selective oxidation catalysts, 

which tend to have loss of selectivity at increased conversions (Forzatti, 2001). 

Elsewhere a specially designed tubular micro-reactor was used to test performance of 

Pt supported onto corundum micro-monoliths in the reaction of propane oxidative 

dehydrogenation at short contact times (Sadykov, 2000). The results of the experiment 

are tabulated below;  
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Table 3: Platinum catalysts efficiencies with respect to temperature and Pt content for 

Propane conversion to Propene (Sadykov, 2000) 

Catalyst Conversion Selectivity Temperature Pt content  

P – 1  63% 17.5% 835ºC 3% 

P – 2  47% 26.4% 850ºC 2% 

P – 3  62% 20.6% 840ºC 2% 

P – 4   33% 25.3% 880ºC 0.5% 

 

2.3.3.3. Other catalysts 

Large developments of transition metal oxides mostly vanadium has been known to give 

better results for the oxidative dehydrogenation of light paraffins (Marcu, 2011). Mg/V/O 

catalysts have been the object of investigation for many years, because the conversions 

can be achieved for propane conversions in temperatures ranging between 500 – 600 

ºC (Trifiro, 1995). Elsewhere it was also reported that the VMgAlO was more active than 

mostly referenced VMgO in oxidative dehydrogenation of propane (Marcu, 2011). More 

transitional metals MMgAlO (M = Mn, Fe, Co, Ni, Cu, Zn) were then investigated and 

the table below shows the results of propane conversion and olefins selectivity as a 

function of temperature (Marcu, 2011).  
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Table 4: MMgAlO (M = Mn, Fe, Co, Ni, Cu, Zn) catalysts efficiencies with respect to 

temperature for Propane conversion to Propene (Marcu, 2012) 

Catalyst Conversion (%) Selectivity (%) Temperature  

MnMgAlO 2.7 – 12.9 73.4 – 70.3 450ºC – 600ºC 

FeMgAlO 0.9 – 7.9  36.0 – 47.4 450ºC – 600ºC 

CoMgAlO 1.5 – 15.4 92.5 – 67.5 450ºC – 600ºC 

NiMgAlO 1.0 – 12.4 86.4 – 66.3 450ºC – 600ºC 

CuMgAlO 2.5 – 11.0 26.1 – 11.1 450ºC – 600ºC 

ZnMgAlO 0.6 – 9.8 76.7 – 64.0 450ºC – 600ºC 

MgAlO  0.8 – 7.7 10.8 – 25.6 500ºC – 600ºC 

 

2.3.4. CoMgAlO catalyst background  

From 2.3.3, it is evident that CoMgAlO is a better catalyst at 600°C, as it is reported that 

CoMgAlO could convert 15.4 % propane with product selectivity of 67.5 % propene, 

29.5 % cracking products and 3 % COx (Marcu, 2011). This led to investigation of Co 

content loading, the results where Co(x)MgAlO mixed oxide catalyst with cobalt content 

in the range from 1 to 20 % were also reported (Marcu, 2012). Co(5)MgAlO gave the 

same results as those reported in 2011, and it is worth noting that at Co(20)MgAlO the 

conversion percentage increased to 27% but the disadvantage was that % selectivities 

gave poor results (Marcu, 2012).  The entire results for increasing loading of Co content, 

is tabulated below; 
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Table 5: Co(x)MgAlO catalysts efficiencies with respect to temperature and Co content 

for Propane conversion to Propene (Marcu, 2012) 

Catalyst Conversion (%) Selectivity (%) Temperature  

Co(1)MgAlO 1.8 – 9.7 96.4 – 70.5 450ºC – 600ºC 

Co(3)MgAlO 1.9 – 10.3  96.6 – 70.0 450ºC – 600ºC 

Co(5)MgAlO 1.5 – 15.4 92.5 – 67.5 450ºC – 600ºC 

Co(7)MgAlO 3.0 – 15.8 92.6 – 52.2 450ºC – 600ºC 

Co(10)MgAlO 3.1 – 18.0 68.4 – 35.8 450ºC – 600ºC 

Co(20)MgAlO 6.4 – 27.0 63.4 – 24.1 450ºC – 600ºC 

MgAlO  0.8 – 7.7 10.8 – 25.6 500ºC – 600ºC 

 

2.4. Concluding Remarks 

 

Dehydrogenation of propane and butane to olefins are great investment opportunity as 

olefins are building blocks of polymers industry. Current commercialised production of 

olefins (pyrolysis, catalytic dehydrogenation and steam cracking) suffers lower yields as 

endothermic nature of the process leads to coke formation. 

Oxydehydrogenation has great potential as it is exothermic, thereby eliminating the 

negative effects of high temperature. However, an introduction of oxygen leads to 

selectivity issues because the reaction tends to favour COx routes (see chapter 3). A 

very good catalyst is therefore important to overcome this challenge. Many catalysts 

were reviewed for oxydehydrogenation, and mostly suffer a problem of selectivity. 

Co(5)MgAlO is the ideal catalyst that is proving to give better selectivity to olefins mainly 

at lower conversions.  
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The research conducted will be used to further investigate Co(5)MgAlO as catalyst on 

conversion of butane to olefins, looking closely at how this catalyst behaved when it was 

used in literature to oxy-dehydrogenate propane. 
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Chapter 3: Fundamental thermodynamics analysis 
 

3.1. Introduction 

Oxy-dehydrogenation has been of research interest since the mid-1980s (Lemonidou, 

2005). Many authors have mentioned the thermodynamic benefits of introducing oxygen 

to alkane’s dehydrogenation which lowers the reaction temperature (Grant, 2016) 

without stating the challenges of selectivity at high paraffins conversions. Cavani (1995) 

mentioned that the non-catalytic oxy dehydrogenation of propane in quartz reactor, at 

temperatures from 50 to 100ºC higher than that used in catalysed reactions gives an 

overall yield to olefins higher than any catalysed reaction. All catalysts developed and 

reviewed in Chapter 2 have shown that as the temperature is increased (following 

Arrhenius laws) to increase the percentage conversion the selectivity to olefins is 

negatively affected.    

The main aim of this analysis is to draw from fundamentals of thermodynamics to define 

boundaries at which nature is limiting the oxydehydrogenation of paraffins to olefins, by 

exploring other possible routes the reaction is taking as temperature is increased. 

3.2. Thermodynamic modelling of selectivity 

Calculating the reaction Gibbs free energy and enthalpy helps predict the spontaneity 

of the reaction at certain temperatures (see a picture below), however the exact reaction 

temperature and reactants conversion percentage towards products is not predicted.   
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Figure 5: Gibbs free energy and spontaneity 

 

Looking at Figure 6, the values of Gibbs free energy play and important part of 

determining the reaction path. Point 1 – 2 where ΔGº is positive favours the reactants 

and point 4 – 3 where ΔGº is negative the reaction favours products. This information is 

well defined in literature, what is often not mentioned is the relationship of quotient 

(product and reaction) versus Gibbs free energy, so that the selectivity can be 

determined at a particular temperature.   

 

Figure 6: ΔG vs. G°: ΔG is plotted on a vertical axis for two hypothetical reactions 

having opposite signs of ΔG° (“Lumen learning” n.d). 
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We are going to use the fundamental concepts of thermodynamics to solve the reaction 

selectivity vs temperature without catalyst, so that the efficiency of any catalyst can be 

determined.  

From Gibbs free energy equation 3.1 and Enthalpy equation 3.2, Jenkins (2008) 

derived equation 3.3; 

𝐺 = 𝐻 − 𝑇𝑆           3.1 

𝐻 = 𝑈 + 𝑃𝑉          3.2 

𝑑𝐺 = 𝑉𝑑𝑃 − 𝑆𝑑𝑇         3.3 

Substituting ideal gas law, equation 3.4, into equation 3.3 we get equation 3.5; 

𝑉 =
𝑛𝑅𝑇

𝑃
          3.4 

𝑑𝐺 =
𝑛𝑅𝑇

𝑃
𝑑𝑃 − 𝑆𝑑𝑇         3.5 

When we divide by n to change units of energies to kJ/mol and integrate equation 3.5 

from point A (formation) to point B (equilibrium) we get equation 3.6; 

∫ 𝑑𝐺 = 𝑅𝑇 ∫
1

𝑃
𝑑𝑃

𝐵

𝐴
− ∫ 𝑆𝑑𝑇

𝐵

𝐴

𝐵

𝐴
        3.6 

If we assume that entropy does not change with temperature, then equation then 

becomes; 

𝐺𝑏 − 𝐺𝐴 = 𝑅𝑇𝑙𝑛
𝑃𝐵

𝑃𝐴
          3.6   

 Rearranging equation 3.6 we get equation 3.7 

 

                                                     ∆𝐺 = ∆𝐺° + 𝑅𝑇𝑙𝑛𝑄     3.7
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Where;  

ΔG:  Is Gibbs free energy at a temperature T and reaction quotient Q during the 

reaction 

ΔGº: Gibbs free energy of formation at standard temperature and pressure (STP) 

R: Universal gas constant 

T: Is reaction temperature 

Q: is the reaction Quotient of reactants and products  

 

Therefore equation 3.7 can be written like this; 

                                        ∆𝐺𝑏 = 𝐺𝑎 + 𝑅𝑇𝑏𝑙𝑛𝑄                                     3.8 

Where; 

𝑎: is the initial state STP and; 

𝑏: is the state of the reaction at temperature 𝑇𝑏 

Figure 6 can now be simplified as below, so that only when Gibbs free energy is negative 

which is classified with oxy-dehydrogenation reactions.  
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Figure 7: Simplified Oxydehydrogenation Gibbs free energy vs Quotient of the reaction 

graph 

The graph above illustrate that it is always favourable for the value of ∆𝐺𝑎 < 0 because 

that is when the reaction will move more to the reactants. We are now going to use the 

information we must determine the temperature 𝑇𝑏 and the value of quotient 𝑄 for oxy 

dehydrogenation of propane, so that the selectivity at any temperature can be 

determined.  

3.2.1. Propane oxidative dehydrogenation to propene 

Introducing oxygen in the reaction we see the Gibbs free energy of the reaction 

changing to ∆𝐺𝑎 < 0 thereby favouring the product side.  

2𝐶3𝐻8 + 𝑂2 → 2𝐶3𝐻6 + 2𝐻2𝑂        3.9 

Calculating ∆𝐺𝑎 we get; 

= {(2 × 74.7) + (2 × −228.61)} − {(2 × −23.4) + (0)} 

= −261.02 𝑘𝐽/𝑚𝑜𝑙 
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When solving the temperature of the reaction 𝑇𝑏 we need to look at Gibbs-Helmholtz 

equation because we assume that the enthalpy of the reaction does not change as the 

reaction moves from point a to b (Masuku, 2012) which is; 

∆𝐺𝑏

𝑇𝑏
−

∆𝐺𝑎

𝑇𝑎
≈ ∆𝐻𝑎 (

1

𝑇𝑏
−

1

𝑇𝑎
)               3.10 

Making ∆𝐺𝑏 the subject of the formula and replacing 𝑇𝑎 with 298 𝐾 the standard 

temperature from equation 3.10 above therefore; 

∆𝐺𝑏 =
∆𝐺𝑎𝑇𝑏

298
+ ∆𝐻𝑎 −

∆𝐻𝑎𝑇𝑏

298
               3.11 

Substituting 3.11 into 3.7 the equation then becomes; 

∆𝐺𝑎𝑇𝑏

298
+ ∆𝐻𝑎 −

∆𝐻𝑎𝑇𝑏

298
= ∆𝐺𝑎 + 𝑅𝑇𝑏𝑙𝑛𝑄                                        

Making 𝑇𝑏 the propene (olefin) production temperature subject of the formula, it 

becomes; 

𝑇𝑏 =
∆𝐺𝑎−∆𝐻𝑎

(−𝑅𝑙𝑛𝑄)−(
∆𝐻𝑎
298

)+(
∆𝐺𝑎
298

)
               3.12 

To solve the temperature ∆𝑇𝑏 value we need to calculate the value of 𝑄  and the value 

(∆𝐻𝑎). ∆𝐻𝑎 ; is calculated below;   

∆𝐻𝑎 = ∑ 𝑃𝑟𝑜𝑑𝑢𝑐𝑡𝑠 − ∑ 𝑅𝑒𝑎𝑐𝑡𝑎𝑛𝑡𝑠              3.13 

= {(2 × 20.2) + (2 × −242)} − {(2 × −104.5) + (0)} 

= −234.6 𝑘𝐽/𝑚𝑜𝑙 

To get the quotient of products and reactant, Q, we use the mass law action, which 

states that the values of equilibrium constants which can be expressed as 𝐾𝑝 are 

constant for any reaction at a particular temperature (𝑇𝑏), whenever equilibrium 

concentrations are substituted into the equation 3.7  below (Gammon, 2002).  
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Now if we assume that the equilibrium is reached at each temperature (𝑇𝑏) for a reaction 

of gases A and B below to give product C and D with coefficient a, b, c and d to balance 

the chemical reaction then the expression of the reaction would be written as follows; 

𝑎𝐴 + 𝑏𝐵 ↔ 𝑐𝐶 + 𝑑𝐷                3.14 

 Therefore, calculating the quotient Q or equilibrium constant 𝐾𝑝 at temperature 𝑇𝑝 then 

we get equation 3.15 below: 

𝐾𝑝 =
[𝐶]𝑐[𝐷]𝑑

[𝐴]𝑎[𝐵]𝑏                                                     3.15 

Now considering the route of formation of olefins from oxy dehydrogenation of paraffins 

equation 3.3 will come in effect; 

2𝐶3𝐻8 + 𝑂2 → 2𝐶3𝐻6 + 2𝐻2𝑂                                                       

If we start with 2 moles of Paraffin and 1 mole of Oxygen, and the products are 2 moles 

of propene and 2 moles of water. The reaction moles distribution for 𝑥 moles of oxygen 

reacted, will be as follows from beginning to the end of the reaction.  

𝑆𝑡𝑎𝑟𝑡 ∶ 2 + 1 → 0 + 0 

𝑑𝑢𝑟𝑖𝑛𝑔 ∶ (2 − 2𝑥) + (1 − 𝑥) → 2𝑥 + 2𝑥 

𝐸𝑛𝑑: 2 − 2𝑥 + 1 − 𝑥 + 2𝑥 + 2𝑥 

𝑇𝑜𝑡𝑎𝑙 𝑛𝑢𝑚𝑏𝑒𝑟 𝑜𝑓 𝑚𝑜𝑙𝑒𝑠 𝑎𝑡 𝑒𝑛𝑑 𝑜𝑓 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛: 3 + 𝑥  

We know that 𝑄 can be replaced with 𝐾𝑝 at equilibrium 

𝐾𝑝 =
[𝑃𝑟𝑜𝑑𝑢𝑐𝑡]

[𝑅𝑒𝑎𝑐𝑡𝑎𝑛𝑡𝑠]
=

[𝐶3𝐻6]2.[𝐻2𝑂]2

[𝐶3𝐻8]2.[𝑂2]
              3.16 

To find the concentrations of products and reactants we need to apply Dalton’s law of 

partial pressures which is; 
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𝑃𝑖 = 𝑦𝑖𝑃𝑇𝑜𝑡                 3.17 

Where 𝑃𝑖  = partial pressure of a single gas 

           𝑦𝑖 = fraction of partial pressure of gas in total number partial pressures of all 

gases 

          𝑃𝑇𝑜𝑡  = total pressure of all gases  

𝑇ℎ𝑒𝑟𝑒𝑓𝑜𝑟𝑒;  𝑦𝑂𝑙𝑒𝑓𝑖𝑛𝑠;  𝐻2𝑂 =
2𝑥

3 + 𝑥
 𝑎𝑛𝑑; 

𝑦𝑂2
=

1 − 𝑥

3 + 𝑥
 𝑙𝑎𝑠𝑡𝑙𝑦; 

𝑦𝑝𝑎𝑟𝑎𝑓𝑓𝑖𝑛𝑠 =  
2 − 2𝑥

3 + 𝑥
 

Substituting these fractions in equation 3.16 we get; 

𝐾𝑝 =
(

2𝑥
3 + 𝑥)

2

(
2𝑥

3 + 𝑥)
2

(
2 − 2𝑥
3 + 𝑥 )

2

(
1 − 𝑥
3 + 𝑥)

 

 Simplifying the fraction, we get;  

𝐾𝑝 =
16𝑥4

(3+𝑥)(2−2𝑥)2(1−𝑥)
             3.18 

If the percentage conversions run from 0% to 100%; 𝑥 values can be varied between 

the fractions 0 – 1 to get the values of 𝐾𝑝 (see table below). 

Table 6: Table of % conversions (𝑥) and Value of 𝐾𝑝 

𝒙 𝑲𝒑 

0.1 0 

0.2 0.000177 

0.3 0.003906 
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0.4 0.028624 

0.5 0.139434 

0.6 0.571429 

0.7 2.25 

0.8 9.613614 

0.9 53.89474 

1 Undefined 

  

Substituting gas constant 𝑅 = 0.00831
𝑘𝐽

𝑚𝑜𝑙. 𝐾⁄  and 𝐾𝑝 into equation 3.12 the values 

of the reaction temperature 𝑇𝑏 at given % conversion 𝑥 can be determined. 

3.2.2.  Propane oxidative dehydrogenation to other routes 

There are other routes in addition to propene that the reaction of propane oxidation can 

take; below we did similar work with that done in 3.2.1. (See appendix). The summary 

of 𝐾𝑝 fractions as well as enthalpy and Gibbs free energies are tabulated. 

The reactions routes are; 

1. 𝐶3𝐻8 +  5𝑂2 → 3𝐶𝑂2 + 4𝐻2𝑂 

2. 2𝐶3𝐻8 + 7𝑂2 → 6𝐶𝑂 + 8𝐻2𝑂  

3. 𝐶3𝐻8 +  𝑂2 → 2𝐶𝐻4 + 𝐶𝑂2 

4. 2𝐶3𝐻8 + 𝑂2 → 4𝐶𝐻4 + 2𝐶𝑂 

5. 𝐶3𝐻8 +  𝑂2 → 𝐶3𝐻5𝑂𝐻 + 𝐻2𝑂 

6. 𝐶3𝐻8 +  𝑂2 → 𝐶3𝐻4 + 2𝐻2𝑂 

7. 2𝐶3𝐻8 +  3𝑂2 → 2𝐶2𝐻4 + 4𝐻2𝑂 + 2𝐶𝑂 

8. 𝐶3𝐻8 +  𝑂2 → 𝐶2𝐻6 + 𝐻2 + 𝐶𝑂2 
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Table 7: Table of reaction (1 – 8) 𝐻𝑎 and 𝐺𝑎 with 𝐾𝑝 

𝑷𝒓𝒐𝒅𝒖𝒄𝒕𝒔 𝑯𝒂 𝒌𝑱/𝒎𝒐𝒍 𝑮𝒂 𝒌𝑱/𝒎𝒐𝒍 𝑲𝒑 

(1)3𝐶𝑂2 + 4𝐻2𝑂 −2044 −2074.21 6912𝑥7

(6 + 𝑥)(1 − 𝑥)(5 − 5𝑥)5
 

(2)6𝐶𝑂 + 8𝐻2𝑂 −4088 −2605.46 7.83 × 1011𝑥14

(9 + 5𝑥)5(2 − 2𝑥)2(7 − 7𝑥)7
 

(3)2𝐶𝐻4 + 𝐶𝑂2 −438.74 −472.59 4𝑥3

(2 + 𝑥)(1 − 𝑥)2
 

(4)4𝐶𝐻4 + 2𝐶𝑂 −311.48 −430.86 1024𝑥6

(3 + 3𝑥)3(2 − 2𝑥)2(1 − 𝑥)
 

(5)𝐶3𝐻5𝑂𝐻 + 𝐻2𝑂 −372.8 −367.71 𝑥2

(1 − 𝑥)2
 

(6)𝐶3𝐻4 + 2𝐻2𝑂 −194.1 −239.22 4𝑥3

(2 + 𝑥)(1 − 𝑥)2
 

(7)2𝐶2𝐻4 + 4𝐻2𝑂 + 2𝐶𝑂 −875.2 −1005.9 4096𝑥8

(5 + 3𝑥)3(2 − 2𝑥)2(3 − 3𝑥)3
 

(8)𝐶2𝐻6 + 𝐻2 + 𝐶𝑂2 −374 −403.99 𝑥3

(2 + 𝑥)(1 − 𝑥)2
 

 

3.2.3. Butane oxidative dehydrogenation to other olefins  

For Butane we are only going to look at olefins products when paraffin reacts with 

oxygen. The following reactions are noted below as the possible routes for reactions, 

9. 2𝐶4𝐻10 +  𝑂2 → 2𝐶4𝐻8 + 2𝐻2𝑂 

10. 2𝐶4𝐻10 +  𝑂2 → 4𝐶2𝐻4 + 2𝐻2𝑂 

11. 𝐶4𝐻10 +  2𝑂2 → 𝐶3𝐻6 + 2𝐻2𝑂 + 𝐶𝑂2 

Similar steps of calculating (𝐾𝑝), 𝐺𝑎 and 𝐻𝑎 as those in propane oxydehydrogenation 

were followed and the results are tabulated below; 
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Table 8: Table of reaction (9 – 11) 𝐻𝑎 and 𝐺𝑎 with 𝐾𝑝 

𝑷𝒓𝒐𝒅𝒖𝒄𝒕𝒔 𝑯𝒂 𝒌𝑱/𝒎𝒐𝒍 𝑮𝒂 𝒌𝑱/𝒎𝒐𝒍 𝑲𝒑 

(9)2𝐶4𝐻8 + 2𝐻2𝑂 −229.8 −280.62 16𝑥4

(3 + 𝑥)(2 − 2𝑥)2(1 − 𝑥)
 

(10)4𝐶2𝐻4 + 2𝐻2𝑂 −20.4 −150.82 1024𝑥6

(3 + 3𝑥)3(2 − 2𝑥)2(1 − 𝑥)
 

(11) 𝐶3𝐻6 + 2𝐻2𝑂 + 𝐶𝑂2 −602.9 −742.91 4𝑥4

(3 + 𝑥)1(2 − 2𝑥)2(1 − 𝑥)
 

 

3.3. Results and Discussions  

3.3.1.  Propane oxy-dehydrogenation routes 

Table 9 and Figure 8 below illustrate the relationship of selectivity to propene at all 

equilibrium points relative to temperature (𝑇𝑏).   

Table 9: Temperature 𝑇𝑏 of reaction for % conversion 𝑥 of propane to propene 

𝒙 𝑲𝒑 𝑻𝒃 (𝑲)  𝑻𝒃(℃) 

0 0   

0.1 0.000177 1566.597 1293.597 

0.2 0.003906 620.5185 347.5185 

0.3 0.028624 446.8259 173.8259 

0.4 0.139434 365.4945 92.4945 

0.5 0.571429 314.4964 41.49644 

0.6 2.25 276.9492 3.949224 

0.7 9.613614 245.8481 -27.1519 

0.8 53.89474 216.9309 -56.0691 

0.9 672.9231 185.0537 -87.9463 

1    
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Figure 8: Relationship between Temperature (𝑇𝑏) versus propane conversion % 

From the graph above it is evident that for a good catalyst to be deemed efficient it 

should be able to give high conversion percentage of above 30% at moderate 

temperatures of below 200ºC for olefin selectivity. If the catalyst discussed in Chapter 2 

are plotted on the graph above for oxy dehydrogenation of propane to propene, the 

graph then looks like this; 

 

Figure 9: Relationship between Temperature (𝑇𝑏) versus propane conversion % with 

catalysts plots. 
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The results for propene selectivity reduction as the propane conversion increases tally 

with that reported by (Kung, 1997) for Vanadium catalysts. 

 

Figure 10. Relationship between propane conversion and propene selectivity (Kung, 

1997) 

 

When it is put against other catalysts; Co5MgAlO has proven to be a better catalyst with 

lower reaction temperatures and higher conversion %. With VSiβ the catalyst does not 

follow the theoretical calculations as it gives higher conversion at low selectivity; it is 

even difficult to put the point on the figure 9 above.     

The challenge with oxidative dehydrogenation must be the other routes the reaction 

takes around these temperature(s), in when the stoichiometric ratio of hydrocarbons 

and oxygen is slightly changed. Theoretical changes where other olefins and alcohols 

are produced are as follows; 
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Table 10: % conversion and reaction temperatures for olefins and alcohol routes  

Temperature (𝑇𝑏) ºC for olefins and alcohol routes 

𝑥 C3H4OH C3H4 C2H4  C3H6 

0 - - - - 

0.1 -178.0344953 168.4823981 195.1235232 1293.5968 

0.2 -146.1329773 100.9931086 124.5042908 347.5185392 

0.3 -109.6633229 67.93213059 90.05148021 173.8258705 

0.4 -59.30834321 45.8239647 67.10095702 92.49450087 

0.5 25 28.6138771 49.29453283 41.49643739 

0.6 219.181812 13.7465307 33.95365119 3.949223988 

0.7 - -0.342157671 19.44474826 -27.15193234 

0.8 - -15.22468128 4.133102946 -56.06914788 

0.9 - -34.13607934 -15.33830635 -87.94630366 

1 - - - - 

 

 

Figure 11: Relationship between Temperature (𝑇𝑏) versus other hydrocarbon’s 

conversion % 

The information above illustrate that even though other reactions which are beneficial 

to overall olefins productions are possibly selected when the stoichiometric ratios are 
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changed, these olefins productions are also at very low conversions as compared to 

alcohols. 

Furthermore the statement made by (Kung, 1992) stating that the easier it is to reduce 

the oxide on the surface of catalyst, the more likely it will be attach to the hydrocarbon 

intermediates attacking C-C and C-H bonds with same intensity to results in carbon 

oxides. Most of the selectivity is shared with other undesired routes – carbon oxides and 

short hydrocarbons – and these different routes where also tabulated with their 

conversion % at selectivity lines of each product and the reaction temperature (𝑇𝑏). The 

table 11 and figure 11elow illustrate these; 

Table 11: % conversion and reaction temperatures for undesired routes 

Temperature (𝑇𝑏) ºC for undesired routes 

𝑥 CO2 + H2O CO + H2O CH4+CO2 CH4 + CO C2H6 

0 - - - - - 

0.1  - 10.99502462 252.7653105 118.7441554 499.545302 

0.2  - 15.72150045 135.6923253 78.04829947 247.019972 

0.3 474.2863597 18.78759989 85.10910979 57.1281678 157.711313 

0.4 193.8101245 21.22831229 53.41824859 42.85652031 106.575893 

0.5 75.61261528 23.40159452 29.83660755 31.61258469 70.6731122 

0.6 6.043982162 25.51203852 10.1860611 21.80021203 42.0502864 

0.7 -43.1758232 27.74954924 -7.849479797 12.39413579 16.7534616 

0.8 -83.36877859 30.41395483 -26.31109809 2.297561021 -8.2281683 

0.9 -122.4015328 34.35240583 -48.93965114 -10.88261539 -37.6591018 

1 - - - - - 
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Figure 12: Relationship between Temperature (𝑇𝑏) versus undesired routes 

conversion % 

We then did literature analysis of our plots to see how far they are from know data. We 

reviewed our plots using (Kung, 1992) experimental data where he was doing oxidative 

dehydrogenation of propane, and table 12 below shows his results. 

Table 12: Product selectivities and conversions for Mg orthovanadate and Mg 

pyrovanadate (Kung, 1992) 

 

(Kung, 1992) experimental results when compared to our computed thermodynamic 

plots give slight similarities especially when it comes to carbon oxides compositions at 

low % conversions and temperature around 500ºC.  
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3.3.2. Butane oxy dehydrogenation to butylene and other hydrocarbons 

Butane oxy-dehydrogenation has a potential to produce butylene and other 

hydrocarbons, as well undesired side reactions as with propane oxy-dehydrogenation. 

The results on Butane oxy dehydrogenation will however focus on the production of 

butylene and other useful hydrocarbons. The results for temperature and % conversion 

is tabulated below, with a graph to show the relationship between the two variables 

following; 

Table 13: Percentage selectivity and reaction temperatures for olefins routes 

Temperature (𝑇𝑏) ºC for undesired routes 

𝑥 C4H8 C2H4 C3H6 

0 - - - 

0.1 233.6857065 106.2787668 87.54981752 

0.2 132.0867154 71.63858828 65.61425085 

0.3 85.77921237 53.45105353 52.85341267 

0.4 55.89062626 40.89144408 43.37519014 

0.5 33.16811933 30.90802708 35.38394297 

0.6 13.90828452 22.13129707 27.99676283 

0.7 -4.020836017 13.66104178 20.54583074 

0.8 -22.59533388 4.506320817 12.16656149 

0.9 -45.59351142 -7.543117514 0.723697026 

1 - - - 
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Figure 13: Relationship between Temperature (𝑇𝑏) versus olefins routes selectivity % 

3.4. Concluding Remarks 

Even though some chemical innovations have been found by chance, it is always costly 

when experimental work is done by trial and error. Most chemical reactions are heat 

sensitive; therefore, it is wise to study reactions thermodynamic limits to understand 

temperature ranges available in nature before conducting any experimental work. 

This thermodynamic study has shown that oxidative dehydrogenation of propane and 

butane even though able to lower the reaction temperatures, suffers the problem of 

selectivity. Co(5)MgAlO has proved to be a good catalyst for oxy-dehydrogenation of 

propane to propene as it was able to give better results, than other literature catalyst 

when it comes to selectivity at lower temperatures. 

The extension of this research will be to try and see how this catalyst would behave 

when it is experimented with butane for oxy dehydrogenation to produce olefins. The 

Chapters that follow will address this very issue of seeing how Co(5)MgAlO behaves 

during oxy-dehydrogenation of butane to olefins.     



49 
 

Chapter 4: Experimental Details 
 

4.1. Introduction 

This chapter outlines the materials used, catalytic preparation and experimental 

measurements procedures used in the dissertation. 

4.2. Materials used 

The materials used in our experiment are as follows: Cobalt (II) nitrate hexahydrate 

(Sigma – Aldrich, ≥ 98%), Aluminium nitrate nonahydrate (Sigma – Aldrich, ≥ 98%), 

Magnesium nitrate hexahydrate (Sigma – Aldrich, ≥ 98%), Sodium hydroxide pellets 

(low chloride) (Merck, ≥ 97%), quartz-wool, Ethane, Butane, Propane and Oxygen 

cylinders. Cylinders were supplied by African Oxygen (AFROX Ltd).  

4.3. Catalytic preparation 

Co/Mg/Al LDHs precursor was produced by co-precipitation of different metal nitrate 

solutions using an aqueous solution of NaOH and Na2CO3 as maintainer of pH between 

9 and 10 under room temperature. An aqueous solution containing a mixture of 13 ml 

distilled water, 4.4 g of Mg(NO3)2 6H2O and 2.1 g of Al(NO3)3 9H2O was labelled sample 

A. A solution containing 36g of NaOH (2M) and 14.4g of Na2CO3 (1M) was added into 

450 ml of distilled water and was labelled sample B. Sample C contained an aqueous 

solution 5g of Co(NO3)2 6H2O in 13 ml distilled water. The cobalt content as a molar 

percentage with respect to cations was maintained at 5% (Co/(Co+Mg+Al)=0.05), with 

molar ratio of Mg/Al = 3. Therefore extra 0.58g of Co 2+ was added to the Co(NO3)2 6H2O 

solution. 

Sample A and B where added by drop wise addition into a well stirred sample C while 

maintaining 9≥ pH ≤ 10. The precipitate formed was then matured in the mother liquor 



50 
 

overnight at 80 ºC under stirring, separated by centrifugation, washed with deionised 

water and then dried at 80 ºC overnight.  

The dried LDH sample was then after noted as Co(5)MgAl – LDH, the LDH precursor 

was then calcined in air at 750 ºC for 8 hours in order to obtain the required catalyst 

which is Co(5)MgAlO. 

4.4. Characterization 

4.4.1. Bulk characterisation: XRD measurements 

The following settings were used on XRD to run sample: 

Generator settings had a tension of 40 and voltage was 40kV with configuration of 

spinner reflection. Measurement type was an absolute scan and 2 Theta with a range 

from 5 degree to 80 degree. Step size - 0.0167; Time per step: 15.240s; Scan speed: 

0.139 degree/seconds with number of steps: 4488 where used. Divergence slit was 

fixed at slit 1 degree with anti-scatter slit: fixed slit 2 degree 

4.4.2. Surface characterisation 

4.4.2.1. TGA measurements 

TGA samples were obtained using model simultaneous thermal analyser (STA) 1500 

(Rheometric Scientific Ltd UK), over nitrogen at heating rate of 10 ºC/min from 50 ºC to 

1000 ºC.  

4.4.2.2. BET measurements 

BET surface area measurements were conducted Micromeritics Tri-Star to determine 

any loss of surface area after loading the metal. The catalyst sample was slowly heated 

to 706 ºC and held at this temperature for 4 hours under vacuum (~7 kPa). A dry sample 

was cleaned of all contaminated gases and cooled to -198 ºC using liquid nitrogen.  
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4.4.2.3. TPR measurements 

The sample was heated under flowing helium (30ml/min) from room temperature to 120 

°C and held at this temperature for 30min (ramp rate= 10 °C/min); to remove moisture 

and possible contaminants.  

The sample was then cooled to 50 °C under flowing helium and held at this temperature 

for 5min. The gas flow was changed to 10%hydrogen in argon (30ml/min) and the 

sample temperature was then ramped to 950 °C at a rate of 10 °C/min and the hydrogen 

consumption was monitored (TCD signal) 

4.5. Experimental Conditions 

 For the ODH experiments, mild operating conditions were preferred, which are 

atmospheric pressure (1atm) and temperature of 350 ºC or less.  The process conditions 

were chosen to reduce the capital cost of possible application of this experiment on 

industrial level. 

Before each experiment the catalyst was activated under air at 350 ºC.  

Series of runs are then conducted with flow rates of paraffins at 10 mL/min for Propane 

and Butane. The oxygen (air) volumetric flowrate was then varied between 0 mL/min – 

57 mL/min across paraffins. Oxygen (air) volumetric flowrates where calculated to 

maintaining the stoichiometric non combustion conditions of hydrocarbons and Oxygen. 

The aim was to test the selectivity and yields of olefins at different oxygen volumetric 

flowrates over propane and butane. 

The steps that were involved in the Oxidative dehydrogenation of light paraffins 

experiments were: 1. Rig building, 2. loading of catalyst, 3. Performing ODH reactions 

at different oxygen (air) volumetric flowrates.     
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4.6. ODH Reactors  

A brief description of the reactor system and specification is outlined below. A fixed bed 

reactor was used in this study. Figure 14 shows the dismantled reactor with fittings. The 

materials used for the reactor is stainless steel with tube length of 204 mm and internal 

diameter of 8 mm, with screwed end fittings (Gorimbo, 2016). 

 

 

Fig 14: Dismantled reactor photograph. (Gorimbo, 2016) 

 

4.7. Catalyst loading into the reactor 

Before the catalyst was loaded, the ODH rig was tested with nitrogen gas for any leaks. 

After the fitting joints and lines were determined to be tight, the reactor was detached 

from the rig. Figure 15 illustrates the schematic representation of ODH reactor with 

quartz chips, Cobalt catalyst and a thin layer of quartz wool (Gorimbo, 2016). The middle 

part of the reactor was measured and stuffed with soft quartz wool and 1 gram of catalyst 

placed in catalyst bed. Then the quartz chips where added at the top and bottom of the 

middle part of the reactor to fill the empty space to avoid potential gas phase reactions 

at high temperatures.  
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Figure 15: ODH reactor with loaded catalyst (Gorimbo, 2016) 

After loading catalyst, the leakage testing was performed once more to see if there was 

no leakage. The reactor was insulated with thermal jacket to prevent heat loss. The top, 

middle and bottom part of the reactor was heated with heating coils forming a heating 

element. Temperature controllers were used to enable the setting to the desired 

temperatures. 

4.8. Experimental set-up 

Figure 16 illustrates the experimental set-up which was built to achieve the aim of the 

study. The feed of paraffins and oxygen was controlled by Brooks mass flow controllers 

(Brooks Instrument 5850). Each mass flow controller was mounted with non-return valve 

to ensure that no product was flowing back into the mass flow controller. Back pressure 

regulators were used manually to control the pressure inside the reactors. All the 

experiments were conducted under the laboratory scale fixed bed reactor set-up as 

shown below; 



54 
 

  

Figure 16: Laboratory scale ODH rig flow scheme of fixed reactor 
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4.9. Experimental method 

 

4.9.1. Catalyst activation procedure 

Before catalyst cleaning, one gram of a catalyst in the reactor was dried with nitrogen 

at 60 mL/min, at temperature of 120 ºC, and at atmospheric pressure for 2 hours, to 

remove any unwanted moisture accumulated during loading. Temperature increase was 

achieved by increasing from room temperature of approximately 27 ºC to 70 ºC at a 

heating rate of 5ºC/min then held for 20 min at 70 ºC. Temperature was then increased 

to 120 ºC at heating rate of 2 ºC, overnight.   
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Air was then passed onto catalyst at the flow rate of 60 mL/min, at temperature of 350 

ºC, and at atmospheric pressure, for 2 hours to clean the surface of the catalyst for any 

unwanted materials accumulated during loading. The temperature was increased from 

drying of 120 ºC to 350 ºC the cleaning temperature at the heating rate of 2ºC/min. The 

system was then left at 350 ºC for 1 hour before the ODH reaction could be conducted. 

 

4.9.2. ODH reaction runs 

After the catalyst activation, paraffin (Butane) gas was passed into the reactor at the 

flow rate of 10 mL/min. The temperature was maintained at 350 ºC and the system was 

at atmospheric pressure. Air was not administered for run 1 and the system was left to 

settle for 3 hours before the results could be taken. For run 2 to 4 air volumetric flow 

rate was then increased gradually until 57 mL/min. 

Propane and butane  has similar stoichiometric ratio. The flow rate of the hydrocarbon 

(Propane and Butane) was also maintained at 10 mL/min for run 1 – 4 while the flow 

rate of airwas increased from 0 mL/min at run 1 up to 57 mL/min at run 4. Table 14 

below shows a summary of reaction flow rates of paraffins and oxygen for each run. 

Table 14: Reaction flow rates for Paraffins and Oxygen for run 1 – 4. 

Run Butane Flowrate 

(mL/min) 

Butane : O2 ratio O2 

run(mL/min) 

Air 

run(mL/min) 

1 10 1 : 0 0 0 

2 10 1 : 0.4 4 19 

3 10 1 : 0.8 8 38 

4 10 1 : 1.2 12 57 
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Chapter 5: Results and Discussions 
 

5.1. Catalytic Characterisation 

5.1.1. XRD  

 

Figure 17: XRD patterns of Co5MgAlO  

The XRD pattern of Co5MgAlO samples calcined at 750 ºC is displayed in fig. 17 above. 

From the figure it can be seen that the sample exhibited the reflections at 2θ values ~ 

37.5º, 43.5º and 63º characteric of a well-known Mg(Al)O periclase-like phase as 

reported by Marcu (2012) . Peaks that are consistent with Co-related phase (Co3O4 

and/or CoAl2O4), characterised by diffraction peaks ~ 22.1º, 36.6º, 43.1º, 52.7º, 65.7º, 

70.3º and 77.6º as noted by Meng (2009) were also visualised in this case. Mg – related 

peaks are detected in in the periclase-like phase. It was noticed after the calcination that 

the catalyst displayed a light blue colour, suggesting the presence of CoAl2O4 or 

CoAl2O4 –like spinel phases (Meng, 2009). This is noted as difference between our 

catalyst and the reference catalyst. The reference catalyst didn’t display Co-containing 

phases, these could be because it was well dispersed in the MgAlO matrix. 
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5.1.2. TGA 

 

Figure 18: The TGA profile for the Co5MgAlO catalyst 

The TGA profile is shown in figure 18 above, three stages corresponding to the weight 

% loss peaks are associated with the thermal degradation of the of the hydrotalcite 

compounds (Li, 2009).  Initial stage between 100 ºC and 200 ºC is attributed to the loss 

of the intermolecular layer and water molecules absorbed while the layered structure is 

maintained. Hydroxyl water and the inter-layer nitrate anions are removed around 350 

ºC and at this stage part of the layered structure are collapsed. Upon heating at around 

750 ºC, complete pyrolysis occurs, and the layered structure is completely destroyed. 
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5.1.3. H2 consumption – TPR 

 

Figure 19: H2 – TPR profiles of Co5MgAlO catalyst 

For the investigation of redox properties of Co5MgAlO catalyst, the H2 consumption – 

TPR measurement was performed. The results are illustrated in Fig 19 above. The 

profile of the catalyst shows two reduction regions, the first one between 250 ºC and 

470 ºC and second one above 500 ºC. The first one can be due to the reduction of Co3+ 

to Co2+ dispersed in the Co3O4 phase (Meng, 2009), while the second one should be 

attributed to the reduction of both surface Co2+ ions and subsurface Co2+ in dilution with 

Co2+ - Al3+  spinel or stoichiometric CoAl2O4 (Li, 2009). There is a correlation of these 

findings with those found in XRD results which suggested the coexistence of Co3O4 and 

CoAl2O4 in view of the high Co content in the sample. 
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5.1.4. Textural analysis  

 

Figure 20: Nitrogen adsorption/desorption isotherms profile at -195 ºC Co5MgAlO catalyst 

The catalyst displayed type IV nitrogen adsorption/desorption isotherms, which is in 

accordance with the IUPAC classification, and H3 – type hysteresis loops which are 

characteric of mesoporous materials (Marcu, 2012). It is also noted that the absorption 

isotherms do not present plateau at high P/Po values showing N2 physisorption was 

taking place between the aggregates of platelets particles and accounted for the 

lamellar morphology of the materials (Marcu, 2012).   
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5.2. Oxidative dehydrogenation reactions 

5.2.1. Butane oxy dehydrogenation 

 

 

 

Table 15: Conversion % of Olefins and Oxygen and Product selectivity % for Oxy-

dative dehydrogenation reaction 

 

 

 

Ratio of Butane to Oxygen 

 

Run 1 

1:0.4 

Run 2 

1:0.8 

Run 3 

1:1.2 

Conversion 

C4H10 

O2 

% 

- 

- 

% 

11.92 

99.74 

% 

26.16 

99.74 

Product selectivity  

C2H4 

C2H6 

CO2 

1-C4H8 

% 

- 

- 

- 

- 

% 

1.58 

0.59 

85.18 

12.65 

% 

2.43 

0.71 

84.67 

12.19 

 

At 350ºC and atmospheric pressure a reaction product of 1:0.4 ratio of butane to oxygen 

gave inconclusive results. Butane to oxygen ratio of 1:0.8 had an olefin production 

decreased to less than 14% combined olefins production. Increased the oxygen even 

further at 1:1.2 similar product composition was realised. 

Figure 22 below tells us that it is thermodynamically impossible to get to high selectivity 

%, at moderate temperatures ≥ 50ºC by pushing the reaction conversions to more than 

40%. Our experimental data also proved to correlates with the thermodynamic plots we 

have computed in chapter 3. 
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Figure 22: Reaction runs on thermodynamic plots for olefin cut. 

(Kung, 1992) did experimental work where he was investigating the effect of Mg 

Orthovanadate and Mg Pyrovanadate at temperatures higher than 500ºC.Table 17 

below shows his results. 

Table 16: Product selectivities and conversions for Mg orthovanadate and Mg 

pyrovanade (Kung, 1992) 

 

Even when we were not investigating effects of change in temperature, but lower 

temperatures gave higher reaction conversions with reduced olefins selectivity. But we 

can confidently say that our catalyst was better than the Mg catalysts investigated 

previously by (Kung, 1992). Co5MgAlO is a better catalyst at lower temperatures than 

all other previously investigated catalysts because it gives better olefins selectivity at 

lower temperature of 350ºC. 
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Chapter 6: Conclusion 
 

Short chain paraffin dehydrogenation into Olefins offers a way of turning paraffins into 

industrially useful hydrocarbon. Theoretically, the concept is simply to comprehend – it 

is a removal of hydrogen from alkane turning a single bond into a double bonded, 

alkene. The thermodynamics, kinetic and yield constraints play a critical role for moving 

this concept from prototype into commercialised system.  

The current commercialised processes are energy intensive and give lower yields as 

the reaction favours the route of chain cleavage into smaller hydrocarbons i.e. methane. 

Inorganic chemistry in a form of a catalyst has always been used to mitigate the 

challenges faced by industrial organic chemistry reactions. In addition to the catalyst, 

partial oxygen introduction to the reaction also has theoretical possibility of moving the 

reaction from exothermic to endothermic.  

Therefore, it is important to know the thermodynamic limits of nature before the catalyst 

is introduced into the process. For example, the question one would ask is the amount 

of heat needed (Temperature) to start the dehydrogenation reaction; secondly, one 

would also need to know how many routes a reaction could take (selectivity). We can 

answer these questions by calculating the theoretical temperatures needed for each 

selected route. 

We chose to study propane and butane as our alkane hydrocarbons and possible routes 

were assumed and thermodynamic calculations were done on these assumed routes to 

calculate the percentage conversions at a certain temperature for a 100% selectivity of 

the said route. Manipulation of Gibbs free energy, enthalpy and reaction constants for 

each reaction were used to determine reaction conversions and temperatures at 100 % 

selectivity. This information is important, as we can know the limits nature is giving us 
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before we can start rather expensive experimental work thus eliminating trial and error 

methods.  

For propane reactions, we found that it is theoretically possible to run the reaction at 

lower temperatures our aim being 350ºC and reaction % conversion of 20% at 100% 

selectivity of propene. The challenge is that at these same conditions other routes like 

total combustion, methane production, ethanol etc. are also possible, giving emphasis 

to the right catalyst needed to selectively choose the propene production route. Butane 

also gave similar theoretical thermodynamic and yield results. 

Synthesis of catalyst Co5MgAlO was done in the laboratory and characterised using 

XRD, TGA and BET for surface structure properties. TPR was conducted to see the 

reactive properties of the catalyst at different temperatures. The characterisation gave 

positive results thereby confirming that the catalyst we have synthesised is similar to 

that which was produced by Marcu (2012).   

The reactions where done in a continuous reactor – 1g of the catalyst was added into a 

reactor – connected to a GC to collect the reaction results data. Temperature of the 

reactor was maintained at 350ºC and atmospheric pressure. The paraffin to oxygen ratio 

was ranged between; 1:0.4 – 1:1.2.  

Butane experimental results at hydrocarbon to oxygen ratio of 1:04 gave inconclusive 

results, while temperature was held constant at 350ºC and atmospheric pressure. When 

oxygen amount was increased the reaction also diverted to produce more carbon 

dioxide CO2, with decreasing alkene selectivity. 

A result from this work is the importance of introduction of oxygen thus turning a 

decades old problem of endothermic dehydrogenation of paraffins to olefins into 

exothermic reaction. The structural benefit of butane from propane for easy removal of 

hydrogen can further be investigated. The production of CO2 from propane can be used 
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as soft oxidants for dehydrogenation of paraffins as it is currently investigated elsewhere 

(Wang, 2018).  

Historically many processes have been extensively optimised and then replaced; new 

processes usually go through significant changes to existing technology through 

research because most evolutionary changes are critical naturally and their 

effectiveness fade with time. A design will be steadily improved from research to 

industrial efficiency only to be replaced by fundamentally superior approach (Schmidt, 

2000). There is no fixed law of nature that has been realised yet, but could this be the 

case with endothermic dehydrogenation? Having been around for decades could this 

be the time for replacement with newer methods of converting paraffins to olefins? The 

background of process industry is sometimes described as punctuated evolution. 

Process evolution should continue because scientist and engineers are never fulfilled. 

They are pushed with the desire to make things better, cheaper and faster. 
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Appendix 

Appendix A: Calculating Enthalpy and Gibbs free energies of formation C3 and 

C4 

Table A1: Standard Gibbs free energy𝐺𝑎, Enthalpy values 𝐻𝑎 and Entropy values 𝑆𝑎 

𝑪𝒐𝒎𝒑𝒐𝒖𝒏𝒅 𝑯𝒂 𝒌𝑱/𝒎𝒐𝒍 𝑮𝒂 𝒌𝑱/𝒎𝒐𝒍 𝑺𝒂𝒌𝑱/𝑲. 𝒎𝒐𝒍 

𝐶3𝐻8 -104.5 -23.4  0.270 

𝐶3𝐻6 20.2 74.7 0.267 

𝑂2 0 0 0.205 

𝐻2𝑂 -242 -228.61 0.189 

𝐶𝐻4 -74.87 -50.8 0.187 

𝐶𝑂 -110.5 -137.23 0.198 

𝐶𝑂2 -393.5 -394.39 0.214 

𝐻2 130 0 0.131 

𝐶3𝐻4 185.4 194.6 0.248 

𝐶2𝐻4 52.4 68.1 0.220 

𝐶2𝐻6 -85 -33 0.230 

𝐶2𝐻5𝑂𝐻 -235.3 -162.5 0.160 

𝐶4𝐻10 -127.2 -17.0 0.310 

𝐶4𝐻8 -0.1 71.3 0.305 

 

 

𝐶3𝐻8 + 𝑂2 → 𝐶3𝐻6 + 2𝐻 + 2𝑂         (A1) 

∆𝐻𝑟×𝑛
∅ = ∑ 𝑃𝑟𝑜𝑑𝑢𝑐𝑡𝑠 − ∑ 𝑅𝑒𝑎𝑐𝑡𝑎𝑛𝑡𝑠 

= {(20.2) + (2 × 249.2) + (2 × 218)} − {(−104.5) + (0)} 

= 1059.1 𝑘𝐽/𝑚𝑜𝑙 

∆𝐺𝑟×𝑛
∅ = ∑ 𝑃𝑟𝑜𝑑𝑢𝑐𝑡𝑠 − ∑ 𝑅𝑒𝑎𝑐𝑡𝑎𝑛𝑡𝑠 

= {(74.7) + (2 × 0) + (2 × 0)} − {(−23.4) + (0)} 

= 98.1 𝑘𝐽/𝑚𝑜𝑙 

 

𝐶4𝐻10 + 𝑂2 → 𝐶4𝐻8 + 2𝐻 + 2𝑂        (A2) 
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∆𝐻𝑟×𝑛
∅ = ∑ 𝑃𝑟𝑜𝑑𝑢𝑐𝑡𝑠 − ∑ 𝑅𝑒𝑎𝑐𝑡𝑎𝑛𝑡𝑠 

= {(−0.4) + (2 × 249.2) + (2 × 218)} − {(−126.5) + (0)} 

= 1060.1 𝑘𝐽/𝑚𝑜𝑙 

∆𝐺𝑟×𝑛
∅ = ∑ 𝑃𝑟𝑜𝑑𝑢𝑐𝑡𝑠 − ∑ 𝑅𝑒𝑎𝑐𝑡𝑎𝑛𝑡𝑠 

= {(72) + (2 × 0) + (2 × 0)} − {(−15.6) + (0)} 

= 87.6 𝑘𝐽/𝑚𝑜𝑙 
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Appendix B: Calculations of Gibbs free energy of reaction and Keq at 350ºC for 

C3 and C4 

Assuming that the enthalpy of the reaction remains the same at all temperatures, then we can 

use the Gibbs – Helmholtz equation to determine Gibbs free energy for the reaction at 350 ºC. 

𝐺𝑏

𝑇𝑏
= 𝐻 (

1

𝑇𝑏
−

1

𝑇𝑎
) +

𝐺𝑎

𝑇𝑎
                    (B1) 

Rearranging the equation at 350ºC, then we get; 

𝐺𝑏 = −1.09𝐻 + 2.09𝐺𝑎                    (B2) 

Where H and Ga is the enthalpy and Gibbs free energies calculated in Appendix A and Gb is the 

Gibbs free energy at 350 ºC. 

The equilibrium constant is calculated using the equation; 

𝐾𝑒𝑞 = 𝑒
−

𝐺𝑏
𝑅𝑇𝑏                      (B3) 

Gb and Keq for Propane (C3) 

𝐺𝑏 = −1.09𝐻 + 2.09𝐺𝑎 

= −1.09(1059.1) + 2.09(98.1) 

= −958.2 𝑘𝐽/𝑚𝑜𝑙 

𝐾𝑒𝑞 =  𝑒
−(

−958.2
0.008314×623

) 
 

= 𝑒185.00 = 2.20 × 1080 

 

Gb and Keq for Butane (C4) 

𝐺𝑏 = −1.09𝐻 + 2.09𝐺𝑎 

= −1.09(1060) + 2.09(87.6) 

= −972.3 𝑘𝐽/𝑚𝑜𝑙 

𝐾𝑒𝑞 =  𝑒
−(

−972.3
0.008314×623

) 
 

= 𝑒187.72 = 33.4 × 1080 

 



73 
 

Appendix C: Equilibrium constant for C2 – C5 paraffins to olefins from partial 

pressures. 

Looking at chemical reaction equations in A1, It is evident that the reactions follows similar 

trends where by; 

𝑃𝑎𝑟𝑎𝑓𝑓𝑖𝑛𝑠(𝑔) + 𝑂2(𝑔) → 𝑂𝑙𝑒𝑓𝑖𝑛𝑠𝑔 + 2𝐻(𝑔)
. + 2𝑂(𝑔)

.                                                       (C1) 

Assuming that we start with 1 mole of Paraffin and 1 mole of Oxygen, then the products ethene 

and hydrogen radical and oxygen radical will have product x, x and x respectively at the end of 

reaction, x is therefore the percentage conversion of the reaction favouring olefins selectivity.  

 

Start of reaction:     1     +     1     0   +  0  + 0 

End of reaction:       (1 – x) + (1 – x)  x   +   2x + 2x  

Total concentration at end of reaction is 1 – x + 1 – x + x + 2x + 2x = 2 + 3x 

 All equations of C2 – C5 follow the same route as the ratio of paraffins for oxygen is the same 

for all equations. 

𝐾𝑒𝑞 =
[𝑃𝑟𝑜𝑑𝑢𝑐𝑡]

[𝑅𝑒𝑎𝑐𝑡𝑎𝑛𝑡𝑠]
=

[𝐶2𝐻4].[𝐻.]2[𝑂.]2

[𝐶2𝐻6].[𝑂2]
                  (C2) 

To find the concentrations of products and reactants we need to apply Dalton’s law of partial 

pressures which is; 

𝑃𝑖 = 𝑦𝑖𝑃𝑇𝑜𝑡 

Where Pi = partial pressure of a single gas 

           yi = fraction of partial pressure of gas in total number partial pressures of all gases 

          PTotal = total pressure of all gases  

𝑇ℎ𝑒𝑟𝑒𝑓𝑜𝑟𝑒;  𝑦𝑂𝑙𝑒𝑓𝑖𝑛𝑠 =
𝑥

2 + 𝑥
 𝑎𝑛𝑑; 

𝑦𝐻+; 𝑂− =
2𝑥

2 + 3𝑥
 𝑙𝑎𝑠𝑡𝑙𝑦; 

𝑦𝑝𝑎𝑟𝑎𝑓𝑓𝑖𝑛𝑠; 𝑂2
=  

1 − 𝑥

2 + 3𝑥
 

Substituting these fractions in equation A2 we get; 
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𝐾𝑒𝑞 =
(

𝑥
2 + 3𝑥

) (
2𝑥

2 + 3𝑥
)

4

(
1 − 𝑥

2 + 3𝑥
)

2  

  

Simplifying the fraction we get  

𝐾𝑒𝑞 =
16𝑥5

(2+3𝑥)3.(1−𝑥)2                    (C3) 

Table C1: Keq calculated with x (% conversion) estimated between 0 – 100% 

X Keq 

0 #NUM! 

0.1 -649.5475214 

0.2 -110.407163 

0.3 -27.77861905 

0.4 -8.926818796 

0.5 -3.972021522 

0.6 -2.5202488 

0.7 -1.882740188 

0.8 -1.231470301 

0.9 -0.037647174 

1 #NUM! 
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Appendix D: Calculating ideal temperatures for each % conversions (0 – 100%) 

From Table 3 above it is clear that the value of Keq is negative, therefore equation B3 can be 

written as; 

−𝐾𝑒𝑞 = 𝑒
−

𝐺𝑏
𝑅𝑇𝑏 

The equation can then be simplified as; 

𝐾𝑒𝑞 = −𝑒
−

𝐺𝑏
𝑅𝑇𝑏  

Applying ln laws then it becomes; 

ln(𝐾𝑒𝑞) = −ln𝑒
−

𝐺𝑏
𝑅𝑇𝑏  

𝐺𝑏

𝑅𝑇𝑏
= ln (𝐾𝑒𝑞)                    (D1) 

Making Tb subject of the formulae then we get; 

𝑇𝑏 =
𝐺𝑏

𝑅ln(𝐾𝑒𝑞)
                    (D2) 

Temperature Tb for C2 conversions; 

Substituting ΔHf = 1071.2 kJ/mol and ΔGf = 101.1 kJ/mol in equation B1; then 

𝐺𝑏 = 1071 (1 −
𝑇𝑏

298
) +

101.1 𝑇𝑏

298
 

= 1071 − 3.59𝑇𝑏 + 0.34𝑇𝑏 

Therefore in general Gb can be written as; 

𝐺𝑏 = 𝐻 (1 −
𝑇𝑏

298
) +

𝐺𝑎

298
𝑇𝑏 

= 𝐻 −
𝐻

298
𝑇𝑏 +

𝐺𝑎

298
𝑇𝑏  

 

Substituting Gb in equation D2 we get; 

𝑇𝑏 =
𝐻 −

𝐻
298 𝑇𝑏 +

𝐺𝑎
298 𝑇𝑏

𝑅ln(𝐾𝑒𝑞)
 

Making Tb subject of the formulae we get; 
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𝑇𝑏𝑅ln(𝐾𝑒𝑞) =  𝐻 − (
𝐻

298
−

𝐺𝑎

298
) 𝑇𝑏 

𝑇𝑏𝑅ln(𝐾𝑒𝑞) + (
𝐻

298
−

𝐺𝑎

298
) 𝑇𝑏 = 𝐻 

𝑇𝑏 =
𝐻

𝑅ln(𝐾𝑒𝑞) +
𝐻

298
−

𝐺𝑎
298

 

1.1.1. Propane reaction temperature 𝑇𝑏 for production of propene 

When solving the temperature of the reaction 𝑇𝑏 we need to look at Gibbs-Helmholtz equation 

which is; 

∆𝐺𝑏

𝑇𝑏
−

∆𝐺𝑎

𝑇𝑎
≈ ∆𝐻𝑎 (

1

𝑇𝑏
−

1

𝑇𝑎
)                     D3 

Making ∆𝐺𝑏 the subject of the formula and replacing 𝑇𝑎 with 298 𝐾 the standard temperature 

from equation 7 above therefore; 

∆𝐺𝑏 =
∆𝐺𝑎𝑇𝑏

298
+ ∆𝐻𝑎 −

∆𝐻𝑎𝑇𝑏

298
          D4 

Substituting 8 into 2 the equation then becomes; 

∆𝐺𝑎𝑇𝑏

298
+ ∆𝐻𝑎 −

∆𝐻𝑎𝑇𝑏

298
= ∆𝐺𝑎 + 𝑅𝑇𝑏𝑙𝑛𝑄                       D5                   

Making 𝑇𝑏 the propene (olefin) production temperature subject of the formula, it becomes; 

𝑇𝑏 =
∆𝐺𝑎−∆𝐻𝑎

(−𝑅𝑙𝑛𝑄)−(
∆𝐻𝑎
298

)+(
∆𝐺𝑎
298

)
                    D6 

To solve the temperature ∆𝑇𝑏 value it is clear that we need to calculate the value of 𝑄  and the 

value ∆𝐻𝑎. ∆𝐻𝑎 is calculated below;   

∆𝐻𝑎 = ∑ 𝑃𝑟𝑜𝑑𝑢𝑐𝑡𝑠 − ∑ 𝑅𝑒𝑎𝑐𝑡𝑎𝑛𝑡𝑠                    D7 

= {(2 × 20.2) + (2 × −242)} − {(2 × −104.5) + (0)} 

= −234.6 𝑘𝐽/𝑚𝑜𝑙 

We need to use the concept of partial pressures at equilibrium to calculate the value of Q.  

 

1.1.2. Using partial pressures to calculate the % conversion from the value of 𝑄(𝐾𝑝) 

 Propane (C3) to olefins 

Looking at chemical reaction equations 6,  

2𝐶3𝐻8 + 𝑂2 → 2𝐶3𝐻6 + 2𝐻2𝑂                                                       
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Assuming that we start with 2 mole of Paraffin and 1 mole of Oxygen, and the products are 2 

moles of propene and 2 moles of water. The reaction moles distribution will be as follows from 

beginning to the end of the reaction.  

𝑆𝑡𝑎𝑟𝑡 ∶ 2 + 1 → 0 + 0 

𝑑𝑢𝑟𝑖𝑛𝑔 ∶ (2 − 2𝑥) + (1 − 𝑥) → 2𝑥 + 2𝑥 

𝐸𝑛𝑑: 2 − 2𝑥 + 1 − 𝑥 + 2𝑥 + 2𝑥 

𝑇𝑜𝑡𝑎𝑙 𝑛𝑢𝑚𝑏𝑒𝑟 𝑜𝑓 𝑚𝑜𝑙𝑒𝑠 𝑎𝑡 𝑒𝑛𝑑 𝑜𝑓 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛: 3 + 𝑥  

We know that 𝑄 can be replaced with 𝐾𝑝 going towards equilibrium 

𝐾𝑝 =
[𝑃𝑟𝑜𝑑𝑢𝑐𝑡]

[𝑅𝑒𝑎𝑐𝑡𝑎𝑛𝑡𝑠]
=

[𝐶3𝐻6]2.[𝐻2𝑂]2

[𝐶3𝐻8]2.[𝑂2]
                               D8 

To find the concentrations of products and reactants we need to apply Dalton’s law of partial 

pressures which is; 

𝑃𝑖 = 𝑦𝑖𝑃𝑇𝑜𝑡                       D9 

Where 𝑃𝑖  = partial pressure of a single gas 

           𝑦𝑖 = fraction of partial pressure of gas in total number partial pressures of all gases 

          𝑃𝑇𝑜𝑡  = total pressure of all gases  

𝑇ℎ𝑒𝑟𝑒𝑓𝑜𝑟𝑒;  𝑦𝑂𝑙𝑒𝑓𝑖𝑛𝑠;  𝐻2𝑂 =
2𝑥

3 + 𝑥
 𝑎𝑛𝑑; 

𝑦𝑂2
=

1 − 𝑥

3 + 𝑥
 𝑙𝑎𝑠𝑡𝑙𝑦; 

𝑦𝑝𝑎𝑟𝑎𝑓𝑓𝑖𝑛𝑠 =  
2 − 2𝑥

3 + 𝑥
 

Substituting these fractions in equation 12 we get; 

𝐾𝑝 =
(

2𝑥
3 + 𝑥)

2

(
2𝑥

3 + 𝑥)
2

(
2 − 2𝑥
3 + 𝑥 )

2

(
1 − 𝑥
3 + 𝑥)

 

  

Simplifying the fraction we get;  

𝐾𝑝 =
16𝑥4

(3+𝑥)(2−2𝑥)2(1−𝑥)
                    D10 
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Assuming that the % conversions run from 0% to 100%; 𝑥 values can be varied between the 

fractions 0 – 1 to get the values of 𝐾𝑝 (see table below). 

Table D1: Table of % conversions (𝑥) and Value of 𝐾𝑝 

𝒙 𝑲𝒑 

0.1 0 

0.2 0.000177 

0.3 0.003906 

0.4 0.028624 

0.5 0.139434 

0.6 0.571429 

0.7 2.25 

0.8 9.613614 

0.9 53.89474 

1 Undefined 

  

Substituting gas constant 𝑅 = 0.00831 𝑘𝐽
𝑚𝑜𝑙. 𝐾⁄  and 𝐾𝑝 into equation 10 the values of the 

reaction temperature 𝑇𝑏 at given % conversion 𝑥 can be determined. 

Table D2: Temperature 𝑇𝑏 of reaction for % conversion 𝑥 of propane to propene 

𝒙 𝑲𝒑 𝑻𝒃 (𝑲)  𝑻𝒃(℃) 

0 0 #NUM! #NUM! 

0.1 0.000177 427.4805 154.4805 

0.2 0.003906 375.1075 102.1075 

0.3 0.028624 345.2183 72.21834 

0.4 0.139434 323.2867 50.28668 

0.5 0.571429 304.9708 31.9708 

0.6 2.25 288.18 15.18001 

0.7 9.613614 271.3794 -1.62058 

0.8 53.89474 252.6457 -20.3543 

0.9 672.9231 227.3324 -45.6676 

1 #DIV/0! #DIV/0! #DIV/0! 
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Graph D1: Olefin reaction temperature 𝑇𝑏(℃) vs % conversion 𝑥 

The data above proves that the olefins can be produced under moderate temperatures. The 

experimental data have shown that this is not possible as higher temperatures around 800K 

should be employed to get the results. The other problem that we have is the selectivity, as at 

these temperatures other reactions are possible (see below). 

1.1.3. Other possible reactions temperature 𝑇𝑏 and reaction conversion 𝑥  when propane 

reacts with oxygen. 

𝐺𝑎 𝑤𝑎𝑠 𝑐𝑎𝑙𝑐𝑢𝑙𝑎𝑡𝑒𝑑 𝑢𝑠𝑖𝑛𝑔 𝑒𝑞𝑢𝑎𝑡𝑖𝑜𝑛 5 𝑎𝑛𝑑 𝐻𝑎𝑒𝑞𝑢𝑎𝑡𝑖𝑜𝑛 11 

 (1) Combustion 

𝐶3𝐻8 + 5𝑂2 → 3𝐶𝑂2 + 4𝐻2𝑂        D11 

𝑆𝑡𝑎𝑟𝑡 ∶ 1 + 5 → 0 + 0 

𝑑𝑢𝑟𝑖𝑛𝑔 ∶ (1 − 𝑥) + (5 − 5𝑥) → 3𝑥 + 4𝑥 

𝐸𝑛𝑑: 1 − 𝑥 + 5 − 5𝑥 + 3𝑥 + 4𝑥 

𝑇𝑜𝑡𝑎𝑙 𝑛𝑢𝑚𝑏𝑒𝑟 𝑜𝑓 𝑚𝑜𝑙𝑒𝑠 𝑎𝑡 𝑒𝑛𝑑 𝑜𝑓 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛: 6 + 𝑥  

𝐾𝑝 =
6912𝑥7

(6+𝑥)(1−𝑥)(5−5𝑥)5         D12 

𝐺𝑎 = {(3 × −394.39) + (4 × −228.61)} − {(−23.4) + 0} 

= −2074.21𝑘𝐽/𝑚𝑜𝑙 

𝐻𝑎 = {(3 × −393.5) + (4 × −242)} − {(−104.5) + 0} 

= −2044 𝑘𝐽/𝑚𝑜𝑙 
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 (2) Incomplete combustion 

2𝐶3𝐻8 + 7𝑂2 → 6𝐶𝑂 + 8𝐻2𝑂        D13 

𝑆𝑡𝑎𝑟𝑡 ∶ 2 + 7 → 0 + 0 

𝑑𝑢𝑟𝑖𝑛𝑔 ∶ (2 − 2𝑥) + (7 − 7𝑥) → 6𝑥 + 8𝑥 

𝐸𝑛𝑑: 2 − 2𝑥 + 7 − 7𝑥 + 6𝑥 + 8𝑥 

𝑇𝑜𝑡𝑎𝑙 𝑛𝑢𝑚𝑏𝑒𝑟 𝑜𝑓 𝑚𝑜𝑙𝑒𝑠 𝑎𝑡 𝑒𝑛𝑑 𝑜𝑓 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛: 9 + 5𝑥  

𝐾𝑝 =
7.83×1011𝑥14

(9+5𝑥)5(2−2𝑥)2(7−7𝑥)7        D14 

𝐺𝑎 = {(6 × −137.23) + (8 × −228.61)} − {(2 × −23.4) + 0} 

= −2605.46 𝑘𝐽/𝑚𝑜𝑙 

𝐻𝑎 = {(6 × −393.5) + (8 × −242)} − {(2 × −104.5) + 0} 

= −4088 𝑘𝐽/𝑚𝑜𝑙 

 

 (3) Methane production with 𝐶𝑂2 

𝐶3𝐻8 + 𝑂2 → 2𝐶𝐻4 + 𝐶𝑂2   D15 

𝑆𝑡𝑎𝑟𝑡 ∶ 1 + 1 → 0 + 0 

𝑑𝑢𝑟𝑖𝑛𝑔 ∶ (1 − 𝑥) + (1 − 𝑥) → 2𝑥 + 𝑥 

𝐸𝑛𝑑: 1 − 𝑥 + 1 − 𝑥 + 2𝑥 + 𝑥 

𝑇𝑜𝑡𝑎𝑙 𝑛𝑢𝑚𝑏𝑒𝑟 𝑜𝑓 𝑚𝑜𝑙𝑒𝑠 𝑎𝑡 𝑒𝑛𝑑 𝑜𝑓 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛: 2 + 𝑥  

𝐾𝑝 =
4𝑥3

(2+𝑥)(1−𝑥)2         D16 

𝐺𝑎 = {(2 × −50.8) + (−394.39)} − {(−23.4) + 0} 

= −472.59 𝑘𝐽/𝑚𝑜𝑙 

𝐻𝑎 = {(2 × −74.87) + (−393.5)} − {(−104.5) + 0} 

= −438.74 𝑘𝐽/𝑚𝑜𝑙 

 

 (4) Methane production with CO 

2𝐶3𝐻8 + 𝑂2 → 4𝐶𝐻4 + 2𝐶𝑂   D17 
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𝑆𝑡𝑎𝑟𝑡 ∶ 2 + 1 → 0 + 0 

𝑑𝑢𝑟𝑖𝑛𝑔 ∶ (2 − 2𝑥) + (1 − 𝑥) → 4𝑥 + 2𝑥 

𝐸𝑛𝑑: 2 − 2𝑥 + 1 − 𝑥 + 4𝑥 + 2𝑥 

𝑇𝑜𝑡𝑎𝑙 𝑛𝑢𝑚𝑏𝑒𝑟 𝑜𝑓 𝑚𝑜𝑙𝑒𝑠 𝑎𝑡 𝑒𝑛𝑑 𝑜𝑓 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛: 3 + 3𝑥  

𝐾𝑝 =
1024𝑥6

(3+3𝑥)3(2−2𝑥)2(1−𝑥)
        D18 

𝐺𝑎 = {(4 × −50.8) + (2 × −137.23)} − {(2 × −23.4) + 0} 

= −430.86 𝑘𝐽/𝑚𝑜𝑙 

𝐻𝑎 = {(4 × −74.87) + (2 × −110.5)} − {(2 × −104.5) + 0} 

= −311.48 𝑘𝐽/𝑚𝑜𝑙 

 

 (5) Alcohol production 

𝐶3𝐻8 + 𝑂2 → 𝐶3𝐻5𝑂𝐻 + 𝐻2𝑂   D19 

𝑆𝑡𝑎𝑟𝑡 ∶ 1 + 1 → 0 + 0 

𝑑𝑢𝑟𝑖𝑛𝑔 ∶ (1 − 𝑥) + (1 − 𝑥) → 𝑥 + 𝑥 

𝐸𝑛𝑑: 1 − 𝑥 + 1 − 𝑥 + 𝑥 + 𝑥 

𝑇𝑜𝑡𝑎𝑙 𝑛𝑢𝑚𝑏𝑒𝑟 𝑜𝑓 𝑚𝑜𝑙𝑒𝑠 𝑎𝑡 𝑒𝑛𝑑 𝑜𝑓 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛: 2  

𝐾𝑝 =
𝑥2

(1−𝑥)2          D20 

𝐺𝑎 = {(−162.5) + (−228.61)} − {(−23.4) + 0} 

= −367.71 𝑘𝐽/𝑚𝑜𝑙 

𝐻𝑎 = {(−235.3) + (−242)} − {(−104.5) + 0} 

= −372.8 𝑘𝐽/𝑚𝑜𝑙 

 

 (6) Other olefins (𝐶3𝐻4) 

𝐶3𝐻8 + 𝑂2 → 𝐶3𝐻4 + 2𝐻2𝑂   D21 

𝑆𝑡𝑎𝑟𝑡 ∶ 1 + 1 → 0 + 0 

𝑑𝑢𝑟𝑖𝑛𝑔 ∶ (1 − 𝑥) + (1 − 𝑥) → 𝑥 + 2𝑥 
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𝐸𝑛𝑑: 1 − 𝑥 + 1 − 𝑥 + 𝑥 + 2𝑥 

𝑇𝑜𝑡𝑎𝑙 𝑛𝑢𝑚𝑏𝑒𝑟 𝑜𝑓 𝑚𝑜𝑙𝑒𝑠 𝑎𝑡 𝑒𝑛𝑑 𝑜𝑓 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛: 2 +  𝑥  

𝐾𝑝 =
4𝑥3

(2+𝑥)(1−𝑥)2         D22 

𝐺𝑎 = {(194.6) + (2 × −228.61)} − {(−23.4) + 0} 

= −239.22𝑘𝐽/𝑚𝑜𝑙 

𝐻𝑎 = {(185.4) + (2 × −242)} − {(−104.5) + 0} 

= −194.1 𝑘𝐽/𝑚𝑜𝑙 

 

 (7) Other olefins (𝐶2𝐻4) 

2𝐶3𝐻8 +  3𝑂2 → 2𝐶2𝐻4 + 4𝐻2𝑂 + 2𝐶𝑂  D23 

𝑆𝑡𝑎𝑟𝑡 ∶ 1 + 1 → 0 + 0 + 0 

𝑑𝑢𝑟𝑖𝑛𝑔 ∶ (2 − 2𝑥) + (3 − 3𝑥) → 2𝑥 + 4𝑥 + 2𝑥 

𝐸𝑛𝑑: 2 − 2𝑥 + 3 − 3𝑥 + 2𝑥 + 4𝑥 + 2𝑥 

𝑇𝑜𝑡𝑎𝑙 𝑛𝑢𝑚𝑏𝑒𝑟 𝑜𝑓 𝑚𝑜𝑙𝑒𝑠 𝑎𝑡 𝑒𝑛𝑑 𝑜𝑓 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛: 5 + 3𝑥  

𝐾𝑝 =
4096𝑥8

(5+3𝑥)3(2−2𝑥)2(3−3𝑥)3        D24 

𝐺𝑎 = {(2 × 68.1) + (4 × −228.61) + (2 × −137.23)} − {(2 × −23.4) + 0} 

= −1005.9𝑘𝐽/𝑚𝑜𝑙 

𝐻𝑎 = {(2 × 52.4) + (4 × −242) + (2 × −110.5)} − {(2 × −104.5) + 0} 

= −875.2 𝑘𝐽/𝑚𝑜𝑙 

 

 (8) Paraffin (𝐶2𝐻6) 

𝐶3𝐻8 + 𝑂2 → 𝐶2𝐻6 + 𝐻2 + 𝐶𝑂2   D25 

𝑆𝑡𝑎𝑟𝑡 ∶ 1 + 1 → 0 + 0 + 0 

𝑑𝑢𝑟𝑖𝑛𝑔 ∶ (1 − 𝑥) + (1 − 𝑥) → 𝑥 + 𝑥 + 𝑥 

𝐸𝑛𝑑: 1 − 𝑥 + 1 − 𝑥 + 𝑥 + 𝑥 + 𝑥 

𝑇𝑜𝑡𝑎𝑙 𝑛𝑢𝑚𝑏𝑒𝑟 𝑜𝑓 𝑚𝑜𝑙𝑒𝑠 𝑎𝑡 𝑒𝑛𝑑 𝑜𝑓 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛: 2 + 𝑥  
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𝐾𝑝
𝑥3

(2+𝑥)(1−𝑥)2          D26 

𝐺𝑎 = {(−33) + (0) + (−394.39)} − {(−23.4) + 0} 

= −403.99𝑘𝐽/𝑚𝑜𝑙 

𝐻𝑎 = {(−85) + (−393.5)} − {(−104.5) + 0} 

= −374 𝑘𝐽/𝑚𝑜𝑙 

 

Table D3: Table of reaction (1 – 8) 𝐻𝑎 and 𝐺𝑎 with 𝐾𝑝 

𝑷𝒓𝒐𝒅𝒖𝒄𝒕𝒔 𝑯𝒂 𝒌𝑱/𝒎𝒐𝒍 𝑮𝒂 𝒌𝑱/𝒎𝒐𝒍 𝑺𝒂𝒌𝑱/𝑲. 𝒎𝒐𝒍  𝑲𝒑 

(1)3𝐶𝑂2 + 4𝐻2𝑂 −2044 −2074.21 -0.111 6912𝑥7

(6 + 𝑥)(1 − 𝑥)(5 − 5𝑥)5
 

(2)6𝐶𝑂 + 8𝐻2𝑂 −4088 −2605.46 0.725 7.83 × 1011𝑥14

(9 + 5𝑥)5(2 − 2𝑥)2(7 − 7𝑥)7
 

(3)2𝐶𝐻4 + 𝐶𝑂2 −438.74 −472.59 0.088 4𝑥3

(2 + 𝑥)(1 − 𝑥)2
 

(4)4𝐶𝐻4 + 2𝐶𝑂 −311.48 −430.86 0.201 1024𝑥6

(3 + 3𝑥)3(2 − 2𝑥)2(1 − 𝑥)
 

(5)𝐶3𝐻5𝑂𝐻

+ 𝐻2𝑂 

−372.8 −367.71 -0.125 𝑥2

(1 − 𝑥)2
 

(6)𝐶3𝐻4 + 2𝐻2𝑂 −194.1 −239.22 0.151 4𝑥3

(2 + 𝑥)(1 − 𝑥)2
 

(7)2𝐶2𝐻4 + 4𝐻2𝑂

+ 2𝐶𝑂 

−875.2 −1005.9 0.437 4096𝑥8

(5 + 3𝑥)3(2 − 2𝑥)2(3 − 3𝑥)3
 

(8)𝐶2𝐻6 + 𝐻2

+ 𝐶𝑂2 

−374 −403.99 0.100 𝑥3

(2 + 𝑥)(1 − 𝑥)2
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Table D4: Table of % conversion with 𝐾𝑝 𝑎𝑛𝑑 𝑇𝑏values for reaction (1 – 8) C3 paraffins 

conversions. 

 

 

Graph D2: Temperature vs % conversion for olefins cut for C3 

From the graph above it shows clearly that over the temperatures above the STP 25⁰C the % 

conversion of propane to olefins is limited by thermodynamics to not go beyond 50% 

conversions. Then the graph below then goes further to illustrate that there are other reactions 

possible as Propane reacts with oxygen. This tells us that the catalyst selectivity and ratio of 

paraffins to olefins in the reactions are very important. 

x Kp (1) Kp(2) Kp(3) Kp(4) Kp(5) Kp(6) Kp(7) Kp(8) Tb(1) Tb(2) Tb(3) Tb(4) Tb(5) Tb(6) Tb(7) Tb(8)

0 0 0 0 0 0 0 0 0 #NUM! #NUM! #NUM! #NUM! #NUM! #NUM! #NUM! #NUM!

0.1 6.82E-08 7.93E-14 0.002352 9.77E-06 0.012346 0.002352 4.31E-09 0.000588 -845.213 283.995 525.7653 391.7442 94.9655 441.4824 468.1235 772.5453

0.2 1.74E-05 2.9E-09 0.022727 0.000686 0.0625 0.022727 1.69E-06 0.005682 2928.616 288.7215 408.6923 351.0483 126.867 373.9931 397.5043 520.02

0.3 0.000653 2.21E-06 0.09583 0.009172 0.183673 0.09583 7.21E-05 0.023957 747.2864 291.7876 358.1091 330.1282 163.3367 340.9321 363.0515 430.7113

0.4 0.012136 0.000393 0.296296 0.065524 0.444444 0.296296 0.001341 0.074074 466.8101 294.2283 326.4182 315.8565 213.6917 318.824 340.101 379.5759

0.5 0.170142 0.03693 0.8 0.351166 1 0.8 0.017263 0.2 348.6126 296.4016 302.8366 304.6126 298 301.6139 322.2945 343.6731

0.6 2.290385 2.855531 2.076923 1.6875 2.25 2.076923 0.197842 0.519231 279.044 298.512 283.1861 294.8002 492.1818 286.7465 306.9537 315.0503

0.7 37.29389 268.3779 5.646091 8.409185 5.444444 5.646091 2.513849 1.411523 229.8242 300.7495 265.1505 285.3941 1697.546 272.6578 292.4447 289.7535

0.8 1065.847 54990.62 18.28571 53.27318 16 18.28571 49.06942 4.571429 189.6312 303.414 246.6889 275.2976 -854.073 257.7753 277.1331 264.7718

0.9 153321.2 1.21E+08 100.5517 734.633 81 100.5517 3576.054 25.13793 150.5985 307.3524 224.0603 262.1174 -261.867 238.8639 257.6617 235.3409

1 #DIV/0! #DIV/0! #DIV/0! #DIV/0! #DIV/0! #DIV/0! #DIV/0! #DIV/0! #DIV/0! #DIV/0! #DIV/0! #DIV/0! #DIV/0! #DIV/0! #DIV/0! #DIV/0!
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Graph D3: Temperature vs % conversion to 𝐶𝑂2; 𝐶𝑂; 𝐶𝐻4 𝑎𝑛𝑑 𝐶2𝐻6 cut 

 Butane (C4) to olefins 

For Butane we are only going to look at olefins products when paraffin reacts with oxygen. The 

following reactions are noted below as the possible routes for reactions. 

2𝐶4𝐻10 +  𝑂2 → 2𝐶4𝐻8 + 2𝐻2𝑂        D27 

𝑆𝑡𝑎𝑟𝑡 ∶ 2 + 1 → 0 + 0 

𝑑𝑢𝑟𝑖𝑛𝑔 ∶ (2 − 2𝑥) + (1 − 𝑥) → 2𝑥 + 2𝑥 

𝐸𝑛𝑑: 2 − 2𝑥 + 1 − 𝑥 + 2𝑥 + 2𝑥 

𝑇𝑜𝑡𝑎𝑙 𝑐𝑜𝑛𝑐𝑒𝑛𝑡𝑟𝑎𝑡𝑖𝑜𝑛 𝑎𝑡 𝑒𝑛𝑑 𝑜𝑓 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛: 3 + 𝑥  

𝐾𝑝 =
16𝑥4

(3+𝑥)(2−2𝑥)2(1−𝑥)
  

𝐺𝑎 = {(2 × 71.3) + (2 × −228.61)} − {(2 × −17.0) + 0} 

= −280.62 𝑘𝐽/𝑚𝑜𝑙 

𝐻𝑎 = {(2 × −0.1) + (2 × −242)} − {(2 × −127.2) + 0} 

= −229.8 𝑘𝐽/𝑚𝑜𝑙 
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2𝐶4𝐻10 +  𝑂2 → 4𝐶2𝐻4 + 2𝐻2𝑂        D28 

𝑆𝑡𝑎𝑟𝑡 ∶ 2 + 1 → 0 + 0 

𝑑𝑢𝑟𝑖𝑛𝑔 ∶ (2 − 2𝑥) + (1 − 𝑥) → 4𝑥 + 2𝑥 

𝐸𝑛𝑑: 2 − 2𝑥 + 1 − 𝑥 + 4𝑥 + 2𝑥 

𝑇𝑜𝑡𝑎𝑙 𝑐𝑜𝑛𝑐𝑒𝑛𝑡𝑟𝑎𝑡𝑖𝑜𝑛 𝑎𝑡 𝑒𝑛𝑑 𝑜𝑓 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛: 3 + 3𝑥  

𝐾𝑝 =
1024𝑥6

(3+3𝑥)3(2−2𝑥)2(1−𝑥)
        D29 

𝐺𝑎 = {(4 × 68.1) + (2 × −228.61)} − {(2 × −17.0) + 0} 

= −150.82 𝑘𝐽/𝑚𝑜𝑙 

𝐻𝑎 = {(4 × 52.3) + (2 × −242)} − {(2 × −127.2) + 0} 

= −20.4 𝑘𝐽/𝑚𝑜𝑙 

 

𝐶4𝐻10 +  2𝑂2 → 𝐶3𝐻6 + 2𝐻2𝑂 + 𝐶𝑂2        D30 

𝑆𝑡𝑎𝑟𝑡 ∶ 1 + 2 → 0 + 0 + 0 

𝑑𝑢𝑟𝑖𝑛𝑔 ∶ (1 − 𝑥) + (2 − 2𝑥) → 𝑥 + 2𝑥 + 𝑥 

𝐸𝑛𝑑: 1 − 𝑥 + 2 − 2𝑥 + 𝑥 + 2𝑥 + 𝑥 

𝑇𝑜𝑡𝑎𝑙 𝑐𝑜𝑛𝑐𝑒𝑛𝑡𝑟𝑎𝑡𝑖𝑜𝑛 𝑎𝑡 𝑒𝑛𝑑 𝑜𝑓 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛: 3 + 𝑥  

𝐾𝑝 =
4𝑥4

(3+𝑥)1(2−2𝑥)2(1−𝑥)
         D31 

𝐺𝑎 = {(74.7) + (2 × −228.61) + (−394.39)} − {(2 × −17.0) + 0} 

= −742.91 𝑘𝐽/𝑚𝑜𝑙 

𝐻𝑎 = {(20.2) + (2 × −242) + (−393.5)} − {(2 × −127.2) + 0} 

= −602.9 𝑘𝐽/𝑚𝑜𝑙 
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Table D5: Table of reaction (1 – 3) 𝐻𝑎 and 𝐺𝑎 with 𝐾𝑝 

𝑷𝒓𝒐𝒅𝒖𝒄𝒕𝒔 𝑯𝒂 𝒌𝑱/𝒎𝒐𝒍 𝑮𝒂 𝒌𝑱/𝒎𝒐𝒍 𝑺𝒂𝒌𝑱/𝑲. 𝒎𝒐𝒍 𝑲𝒑 

(1)2𝐶4𝐻8 + 2𝐻2𝑂 −229.8 −280.62 0.165 16𝑥4

(3 + 𝑥)(2 − 2𝑥)2(1 − 𝑥)
 

(2)4𝐶2𝐻4 + 2𝐻2𝑂 −20.4 −150.82 0.433 1024𝑥6

(3 + 3𝑥)3(2 − 2𝑥)2(1 − 𝑥)
 

(3) 𝐶3𝐻6 + 2𝐻2𝑂

+ 𝐶𝑂2 

−602.9 −742.91 0.102 4𝑥4

(3 + 𝑥)1(2 − 2𝑥)2(1 − 𝑥)
 

 

Table D6: Table of % conversion with 𝐾𝑝 𝑎𝑛𝑑 𝑇𝑏values for reaction (1 – 3) C4 paraffins 

conversions. 

 

X Kp(1) Kp(2) Kp(3) Tb(1)C4H8 Tb(2)C2H4 Tb(3)C3H6

0 0 0 0 #NUM! #NUM! #NUM!

0.1 0.000177 9.77E-06 4.42E-05 211.06846 245.40924 253.94455

0.2 0.003906 0.000686 0.000977 235.69329 262.47966 266.08508

0.3 0.028624 0.009172 0.007156 254.83031 274.11056 274.53334

0.4 0.139434 0.065524 0.034858 272.41388 283.6401 281.64212

0.5 0.571429 0.351166 0.142857 290.25638 292.3173 288.29258

0.6 2.25 1.6875 0.5625 309.9838 300.92502 295.06232

0.7 9.613614 8.409185 2.403403 334.04046 310.27293 302.59142

0.8 53.89474 53.27318 13.47368 367.9347 321.76193 312.04297

0.9 672.9231 734.633 168.2308 432.15259 339.63708 327.00146

1 #DIV/0! #DIV/0! #DIV/0! #DIV/0! #DIV/0! #DIV/0!
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Graph D3: Temperature vs % conversion for olefins cut for C4 

 

Using Carbon dioxide (CO2) as soft Oxidant for propane ODH 

𝐶3𝐻8 + 𝐶𝑂2 → 𝐶3𝐻6 + 𝐻2𝑂 + 𝐶𝑂 

𝑆𝑡𝑎𝑟𝑡 ∶ 1 + 1 → 0 + 0 + 0 

𝑑𝑢𝑟𝑖𝑛𝑔 ∶ (1 − 𝑥) + (1 − 𝑥) → 𝑥 + 𝑥 + 𝑥 

𝐸𝑛𝑑: 2 − 𝑥 

𝑇𝑜𝑡𝑎𝑙 𝑐𝑜𝑛𝑐𝑒𝑛𝑡𝑟𝑎𝑡𝑖𝑜𝑛 𝑎𝑡 𝑒𝑛𝑑 𝑜𝑓 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛: 3 + 3𝑥  

𝐾𝑝 =
𝑥3

 (2+𝑥)(1−𝑥)2         D32 

𝐺𝑎 = {(74.7) + (−137.23) + (−228.61)} − {(−23.4) + (−393.5} 

= 125.76 𝑘𝐽/𝑚𝑜𝑙 

𝐻𝑎 = {(20.2) + (−110.5) + (−245)} − {(−104.5) + (−393.5)} 

= 162.7 𝑘𝐽/𝑚𝑜𝑙 
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X Kp Tb K Tb C 

0 0 #NUM! #NUM! 

0.1 0.00065 2706.376 2433.376 

0.2 0.006944 2092.867 1819.867 

0.3 0.032413 1829.471 1556.471 

0.4 0.111111 1664.691 1391.691 

0.5 0.333333 1542.498 1269.498 

0.6 0.964286 1441.487 1168.487 

0.7 2.931624 1350.11 1077.11 

0.8 10.66667 1258.714 985.7143 

0.9 66.27273 1150.525 877.5251 

1 #DIV/0! #DIV/0! #DIV/0! 
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Appendix E 

 

Run 2 

 

Run 3 

Reactants Products 

 Propane Oxygen C2H6 CO2 Propane Oxygen 

Area 68011.25 2547.73 14.345 1376.086 13163.04 6.70755 

Response 

Factor 

0.68 0.8 0.59 0.915 0.68 0.8 

Corrected 

Area 

100016.54 3184.73 24.31 1503.92 19357.41 8.38 

 

 

 

 

 

 

 

Ratio of Propane to Oxygen 

 

Run 1  

1:0.4 

Run 2 

1:0.8 

Run 3 

1:1.2 

Conversion,  

C3H8 

O2 

 

- 

- 

% 

80.64 

99.73 

% 

99.73 

87.41 

Product selectivity,  

C2H4 

C2H6 

CO2 

 

- 

- 

- 

% 

0 

1.59 

98.00 

% 

0.60 

3.92 

95.49 

 

Calibration of Butane gas (C4H10) 

Figure E1: Calibration graph of Butane 
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 Table E1: Pure Butane composition 

Compound Ret time Run 1              Run 2 Average Area Composition 
% mol 

 
C2H6 

C4H10 

 
2.21 
3.49 

 

 

 Area 

4.050874 

14672.89 
 

Area 

3.379335 

14662.08 
 

 
3.715051 
14667.49 

 
0.03 
99.97 

 

𝐶𝑜𝑟𝑟𝑒𝑐𝑡𝑒𝑑 𝐶4𝐻10 𝑎𝑟𝑒𝑎 =
14667.49

0.68
= 21569.84 

 

 

 

 

 

 

Figure E2: Calibration of Air 
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Table E2: Pure Air composition  

Compound Run 1 Run 2 Run 3 Average Area 

 
O2 

N2 

RetTime Area 

0.8 2527.2 

0.9 9795.2 

  
 

RetTime Area 

0.86 2541.6 

1.00 9840.3 
 

RetTime Area 

0.8 2555.5 

1.0 9891.4 
 

 
2541.4 
9842.3 

 

𝐶𝑜𝑟𝑟𝑒𝑐𝑡𝑒𝑑 𝑂2 𝑎𝑟𝑒𝑎 =
2541.4

0.8
= 3176.75 
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Figure E3: Reaction composition of Butane and air at ratio 1:04 

 

 

Table 3: Reaction of Butane with Oxygen 1:0.4 ratio 

Compound Ret Time Run 1 Run 2 Run 3 Run 4 Average Area 

 
O2 

CO2 
C2H4 

C2H6 

1-C4H8 

 
0.80 
3.41 
2.17 
2.22 
3.42 

 
6.484 
1056.3 
5.03 
37.57 
32315.78 

 
2.984 
1052.4 
5.08 
30.46 
32283.61 

 
5.342 
1051.3 
5.22 
26.19 
32392.31 

 
4.779 
1054.8 
5.25 
16.19 
32389.04 

 
4.897 
1053.7 
5.15 
27.60 
32360.19 
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Figure E5: Reaction composition of Butane and air at ratio 1:0.8 

 

 

 

Table E4: Reactions of Butane with Oxygen 1:0.8 ratio 

Compound Ret Time Run 1 Run 2 Run 3 Run 4 Average Area 

 
O2 

CO2 
C2H4 

C2H6 

1-C4H8 

C4H10 

 
0.80 
3.41 
2.17 
2.22 
3.42 
3.49 

 
6.763 
1449.25 
26.30 
10.77 
214.482 
12963.3 

 
6.969 
1449.46 
27.31 
9.86 
215.34 
12981.1 

 
6.658 
1448.50 
27.10 
10.06 
215.63 
12898.0 

 
6.504 
1450.49 
26.85 
9.77 
215.53 
12859.8 

 
6.724 
1449.42 
26.89 
10.12 
215.25 
12925.6 

 

Table E5: Reactions of Butane with Oxygen 1:0.8 ratio with corrected areas 

Compound 
 

Average Area 
 

Response factor 
 

Corrected Area 
 

O2 

CO2 

C2H4 
C2H6 
1-C4H8 
C4H10 
 

6.724 
1449.42 
26.89 
10.12 
215.25 
12925.6 

0.8 
0.915 
0.585 
0.59 
0.697 
0.68 

8.41 
1584.07 
45.97 
17.15 
308.82 
19008.23 
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𝐶𝑜𝑟𝑟𝑒𝑐𝑡𝑒𝑑 𝐴𝑟𝑒𝑎 =
𝐴𝑟𝑒𝑎

𝑅𝑠 (𝑟𝑒𝑠𝑝𝑜𝑠𝑒 𝑓𝑎𝑐𝑡𝑜𝑟)
 

% 𝐶𝑜𝑛𝑣𝑒𝑟𝑠𝑖𝑜𝑛 = [
𝐼𝑛𝑖𝑡𝑖𝑎𝑙 − 𝐹𝑖𝑛𝑎𝑙

𝐼𝑛𝑖𝑡𝑖𝑎𝑙
] × 100% 

 

Figure E5: Reaction composition of Butane and air at ratio 1:1.2 

 

 

Table E5 Reactions of Butane with Oxygen 1:1.2 

Compound Ret Time Run 1 Run 2 Run 3 Run 4 Average Area 

 
O2 

CO2 
C2H4 

C2H6 

1-C4H8 

C4H10 

 
0.80 
3.41 
2.17 
2.22 
3.42 
3.49 

 
6.523 
1521.70 
43.71 
12.42 
217.68 
10866.0 

 
6.490 
1526.56 
43.79 
12.03 
219.57 
10830.0 

 
6.645 
1528.26 
43.66 
13.71 
221.17 
10833.0 

 
6.705 
1532.95 
44.00 
12.70 
220.28 
10812.2 

 
6.591 
1527.67 
43.79 
12.72 
219.68 
10835.3 
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Compound 
 

Average Area 
 

Response factor 
 

Corrected Area 
 

O2 

CO2 

C2H4 
C2H6 
1-C4H8 
C4H10 
 

6.591 
1527.67 
43.73 
12.72 
219.68 
10835.3 

0.8 
0.915 
0.585 
0.59 
0.697 
0.68 

8.239 
1669.58 
74.75 
21.56 
315.18 
15934.27 

 

 

Table E6: Conversion % of Olefins and Oxygen and Product selectivity % for Oxy-dative 

dehydrogenation reaction 

 

 

 

Ratio of Butane to Oxygen 

 

1:0.4 1:0.8 1:1.2 

Conversion 

C4H10 

O2 

% 

- 

- 

% 

11.92 

99.74 

% 

26.16 

99.74 

Product selectivity  

C2H4 

C2H6 

CO2 

1-C4H8 

% 

- 

- 

- 

- 

% 

1.58 

0.59 

85.18 

12.65 

% 

2.43 

0.71 

84.67 

12.19 

 

 

 

 

 

 


